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Maleic anhydride (MA) is an important intermediate in the chemical industry. It is synthesized 
by the catalytic oxidation of n-butane with air. Mainly tubular fixed bed reactors are used for 
this strongly exothermal reaction, where the reaction heat is removed by molten salt. The 
catalysts consist of vanadium phosphorous oxides (VPO) and are employed as pelletized full 
body shapes. The main side products of the reaction are CO and CO2. 
Even after many years of investigation, the reaction mechanism and the nature of the active 
sites are not fully understood. An important subject of discussion is the assumption that water 
interacts with the VPO surface forming separated phosphate groups. The slowly progressing loss 
of these phosphates from the catalyst shifts conversion and MA selectivity to commercially 
unattractive regions. Therefore, it is industrial practice to add several ppm of an organic 
phosphorous compound to the reactor feed. The distribution of the phosphorous within the 
catalyst bed is supported by further addition of steam. 
For the investigation of these processes the inlet concentrations of water and trimethyl 
phosphate (TMP) were dynamically varied in experiments in an industrial-scale pilot reactor 
filled with full body shaped VPO catalysts. Various, partially opposing effects were observed 
occurring at different time scales. Variations of these feed components caused e.g. slow changes 
in shape and height of the forming temperature profiles and in product composition, 
respectively. 
As reported so far, kinetic models have been derived primarily from experiments in which 
significant changes in catalyst activity were not observed. Additionally, there are no studies 
reported with TMP feed under industrial reaction conditions. Thus, the scope of this work is 
developing a model which is able to describe all observed effects during complete test periods 
of several weeks. 
According to findings in the literature, a novel kinetic model for MA formation was derived which 
accounts for all observed interactions between TMP and water on the VPO surface. The kinetic 
model was integrated into a two-dimensional, heterogeneous reactor model (gPROMS®) that 
includes intra particle heat and mass transfer resistances, pressure drop, and radial heat 
transport from the catalyst bed to the cooling medium. This reactor model could be successfully 
applied for parameter estimations. Kinetic and heat transport parameters were adapted to the 
pilot reactor experiments. The model is able to describe well up to 500 h time on stream 
including many variations of the operating conditions. The dynamically changing activity profiles 
reflect the evolution of temperature profiles and product compositions in the pilot reactor with 
only minor deviations. 
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Maleic anhydride (MA) is an important intermediate in the chemical industry. In 2006, the 
production in USA, Europe and Japan together was about 698,000 metric tons [1]. Individual 
plants attain production rates over 100,000 metric tons per annum. The cyclic structure of the 
MA molecule containing a conjugated double bond and two carboxyl groups (Fig. 1) opens a 
variety of opportunities for further utilization. Over half of the global demand is used for the 
manufacture of unsaturated polyester resins. MA is further an important intermediate in the 
production of agricultural chemicals and lubricant oil additives, and is also a component of 
several copolymers.  
 
 
Fig. 1: Maleic anhydride molecule. 
 
While in the past the industrial manufacture of MA was carried out by selective oxidation of 
benzene, today it is produced primarily by gas phase selective oxidation of n-butane over 
vanadium phosphorus oxide (VPO) catalysts [2,3]. Side products are acrylic and acetic acid with 
selectivities below 5 %, as well as CO and CO2. The latter generally form by overoxidation of 
organic compounds, reaching selectivities in the range of 30-40 %. Reaction network and 
mechanism are discussed in more detail in chapter 2. 
Commercial n-butane based manufacturing processes comprise feed preparation, reaction 
system and product recovery and purification [1,3]. The feed preparation includes supply 
systems for n-butane, air and promoters such as trimethyl phosphate (TMP), and water. MA in 
the reactor effluent is recovered by partial condensation and absorption in either aqueous or 
organic solvents [2,4]. Subsequent distillation finally yields purities over 99 %.  
For the strongly exothermal selective oxidation of n-butane (∆𝑅𝐻° = -1236 kJ/mol), most widely 
multi tubular fixed bed reactors are used [1,2,5]. Up to 30,000 tubes are welded in a tank which 
contains molten salt for removal of the reaction heat. The tubes have diameters around 20-
25 mm and lengths of 3-6 m. The reactor tubes contain fillings of mostly ring shaped catalyst 
particles, whereas the aspect ratio is rather small, in the range of 3 to 6. Because of diffusional 
limitations on the effective reaction rates, the selection of an adequate particle shape is 
determined by finding a compromise between surface area and pressure drop. Head pressures 
in commercial fixed bed reactors vary between 1 and 2 barg and salt bath temperatures (SBT) 
between 390 and 430°C. The inlet concentration of n-butane is typically maintained below 
1.8 vol% due to reasons of explosion prevention [2], although in some cases slightly higher 





values are permitted. The insufficient removal of the reaction heat by the salt bath causes the 
formation of hot spots in the catalyst bed with temperature differences of up to 70 K. 
Temperature control in the reactor is essential for economic operation since it has a major 
influence on the product distribution at the reactor outlet. Debt to the above mentioned 
network of parallel and consecutive reactions, a yield maximum arises at n-butane conversions 
around 85 %. 
Beside fixed bed reactors also fluidized bed reactors are industrially applied, but to a minor 
extent [2,5]. Fluidized bed reactors offer the advantages of an easier temperature control and 
the operation with higher n-butane concentrations as the fluidized bed constitutes an effective 
flame barrier. On the other hand, back mixing effects reduce MA selectivity and further 
problems arise due to the high mechanical stress on the catalyst particles. An attempt to 
separate hydrocarbon conversion in an oxygen free atmosphere and catalyst reoxidation in air 
in an industrial scale transport bed reactor was fraught with difficulties and was finally 
abandoned in 2004 [1,5].  
In this work the fixed bed technology is focused. The dominant phase of commercial VPO 
catalysts is vanadyl pyrophosphate (VPP), (VO)2P2O7. Its synthesis starts with the reaction of 
vanadium oxide and phosphoric acid in either organic or aqueous medium, producing vanadyl 
hydrogen phosphate hemihydrate, VOHPO4 · 0.5 H2O (Fig. 2) [5]. A model organic synthesis 
implies the formation of VOPO4 · 2 H2O in aqueous medium which is then reduced by an alcohol 
in a separate step [6]. Depending on the synthesis route, VPP with different morphology is 
obtained. A preferred solvent is isobutyl alcohol since such organic solvents were found to have 
a beneficial effect on the surface area, activity and selectivity of the final catalyst. The vanadyl 
hydrogen phosphate hemihydrate precursor is then calcined forming VPP by elimination of 
water. The activation can be performed in situ with reaction gas or ex situ in hydrocarbon free 
atmosphere whereas temperature and gas composition have significant impact on the final 




Fig. 2: Synthesis of vanadyl pyrophosphate [5]. 
 
Another important criterion in the synthesis of commercial VPO catalysts is the usage of a slight 
excess of phosphorus with respect to the stoichiometric amount. Resulting P/V ratios are in the 





range of 1.01-1.10 [6]. Excess phosphorus affects the catalyst performance as it limits activity 
and increases selectivity. Since many decades reaction mechanism and nature of sites which are 
active in the complex conversion of n-butane to MA have been debated and are still not 
completely resolved. A thorough resume of the controversial discussions about reaction 
mechanism and the role of the P/V ratio is presented in chapter 1. There is also a large number 
of literature studies, which focus on the kinetic description of the selective n-butane oxidation. 
A variety of steady state and dynamic kinetic models have been proposed. The literature models 
are based on different assumptions about reaction network and mechanism, and also on the 
different applied reactor setups and experimental conditions. An overview is presented in 
chapter 3. 
A number of patents reveal some important aspects of the commercial application of VPO-
catalysts for the production of maleic anhydride from n-butane [9–13]. Apparently, the catalyst 
performance declines with time as its selectivity decreases with simultaneously increasing 
activity. As a consequence the MA yield diminishes and the reactor operation shifts towards less 
stable regions. Because of the general assumption that a loss of phosphorus from the catalyst is 
responsible for this unwanted behavior [3,12], a variety of technologies are claimed 
compensating this loss in order to ensure optimum operation of commercial reactors. This 
implies the addition of an organic phosphorus compound, such as trimethyl phosphate (TMP) to 
the reactor feed. Furthermore, the addition of water seems to play an important role for an 
adequate distribution of phosphorus in the catalyst bed [10,11]. Chapter 1 includes a more 
detailed discussion about this particular aspect of the commercial application of VPO catalysts 
for the manufacture of MA. 
Despite its high industrial importance this subject hardly has been considered in the scientific 
literature. Previous literature models of the active VPO surface mostly are not able to account 
for such effects. From a commercial point of view however, the profitability of the process can 
be reduced significantly if the reactor is operated away from the yield optimum. Therefore, there 
is a big interest in a feasible mathematical description of the phosphorous dynamics in a detailed 
model for an industrial fixed bed reactor, which is the purpose of this work.  
In the first part of the presented study the reaction network of the selective oxidation of 
n-butane to MA was investigated in a laboratory reactor under steady state conditions which 
minimize phosphorus related dynamic changes in performance (chapter 2). These experiments 
were used in order to estimate kinetic parameters (chapter 3). Applying different full body 
catalyst particle shapes during the kinetic experiments not only allowed to quantify the influence 
of pore diffusional resistances, but also to directly obtain a feasible kinetic model for different 
VPO catalyst shapes as they are commonly applied in industry. 
The procedure of evaluating experiments with kinetic modeling was then also pursued for the 
phosphorus dynamics. These were investigated in an industrial scale fixed bed pilot reactor, in 
which commercial-like catalyst shapes were tested under typical industrial reaction conditions 
(chapter 1). During the experiments dynamic changes in catalyst performance were induced by 
addition of TMP and water. The experimental observations were discussed in the light of the 





scientific literature about the reaction mechanism. The findings were further used as a base for 
the deduction of mathematical expressions for the phosphorus dynamics which were then 
implemented in a model for the applied pilot reactor (chapter 5). For the achievement of the 
final objective of this work, the last step was the estimation of the activity parameters by 
simulating the performed experiments. 
 





2 Reaction network 
Reaction network and steady state kinetics were investigated in a bench scale reactor with 
different full body catalyst shapes. In general full body catalyst shapes are not used for such 
studies since they may involve the interference by intra particle heat and mass transport. In the 
present study this was accepted because of the following considerations. Most commercial 
catalysts are ring-shaped and consist entirely of active VPO material. Due to the wall thickness 
of the ring shapes (> 1 mm) and small average pore diameters (<100 nm), n-butane conversion 
and product distribution are likely influenced by diffusion of the reacting compounds inside the 
catalyst particles. In that case, a more feasible determination of the intrinsic reaction kinetics 
would require micro reactor studies with crushed catalyst particles, in which the influence of 
pore diffusion is negligible.  
The scale-up of the intrinsic reaction kinetics to more complex geometries, as are the 
commercial catalyst shapes, involves further the use of appropriate diffusion models. However, 
this is not a trivial matter due to the variety of diffusion models available in the literature, e.g. 
the Maxwell-Stefan relations for multicomponent systems and the more classical Fickian 
diffusion model. Also for the calculation of the required molecular diffusion coefficients various 
correlations have been presented in the literature [14,15]. Another controversial parameter is 
the tortuosity factor for the calculation of effective diffusion coefficients in porous systems. 
Typical values are between 3 and 7 [16] and have to be determined experimentally, although 
there are also estimation methods based on the evaluation of pore size distribution data [17]. 
If finally the intrinsic kinetic parameters have been determined, it is still necessary to examine 
experimentally if their combination with the respective diffusion models in a heterogeneous 
model fits well the description of the full body catalyst shapes. Although this methodology would 
deliver more detailed insights concerning intrinsic kinetics, pore diffusion and scale-up to 
industrial catalyst shapes, the additional experimental effort would go beyond the scope of this 
work. In the present work, the kinetic experiments were hence carried out directly with full-
body catalyst shapes. The influence of pore diffusion was taken into account by applying a 
heterogeneous reactor model for the description of the bench scale reactor including a one-
dimensional pellet model. In order to assure the validity of the applied diffusion model, different 
catalyst shapes were used for the experiments. Hence, this strategy permits a possible influence 
or falsification of the determined intrinsic kinetic parameters with the advantage of disposing 
directly of a kinetic model which is applicable to a variety of full body catalyst shapes as they are 
commercially applied. 
In the following sections of this work, the below listed definitions account: 
 
 Conversion (X) relates to the fraction of the introduced moles of n-butane which are 
converted to any products (?̇?𝑖 is the molar flow of compound i in moles/s) 





𝑋 = 1 −
?̇?𝐵𝑢
?̇?𝐵𝑢,0
         (2-1) 
 
 Selectivity of compound i (Si) is the carbon based relation of product i to converted n-






        (2-2) 
 
 Yield of compound i (Yi) is the product of selectivity and conversion 
𝑌𝑖 = 𝑆𝑖 ∙ 𝑋         (2-3) 
 




         (2-4) 
 
 
2.1 Literature overview 
The conversion of n-butane to MA requires the shift of 14 electrons, the abstraction of eight 
hydrogen atoms, the introduction of three oxygen atoms, as well as a ring closing. Hence, it is 
likely the case that the reaction proceeds via a series of intermediates. However, such 
intermediates only have been detected under special reaction conditions, such as vacuum and 
high C4/O2-ratios, but not under conditions, which approach those of industrial reactors 
(p ≥ 1 atm, T > 350°C) [18].  
Some reaction mechanisms which have been proposed and discussed in the literature are 
resumed in [18]. The widest support carries the consecutive alkenyl mechanism, according to 
which MA is formed by adsorbed n-butane through a variety of adsorbed intermediates such as 
n-butenes and furan. This mechanism is also called cyclic route, as the ring closing occurs 
through the oxidation of butadiene to 2,5-dihydrofurane. The respective intermediates were 
detected by Centi et al. [19] and Kubias et al. [20] in temporal analysis of products (TAP) reactors 
which again operate far from industrial reaction conditions. Lattice oxygen is supposed to be 
active according to the Mars-van-Krevelen mechanism [18]. There are controversies whether 
the initial abstraction of hydrogen or the replenishment of oxygen is the rate determining step. 
Brandstädter and Kraushaar-Czarnetzki [21] found ten times higher rate constants for n-butene 
oxidation than for n-butane from which they concluded that the activation of n-butane is rate 
limiting. On the other hand, Cheng and Goddard [22] calculated the highest activation barrier 
for the ring closing step by means of density functional theory (DFT) modeling. Additionally, 





there is uncertainty if the oxidations of n-butane and n-butenes follow the same reaction 
mechanism as the latter produces various detectable organic reaction products [18,23]. 
Another, more recently discussed mechanism is the consecutive alkoxide mechanism [18] which 
proceeds via more strongly adsorbed alkoxide intermediates. In this case, lattice and adsorbed 
oxygen were discussed as active species. A noncyclic alkoxide route was derived by Xue and 
Schrader [24] who carried out FTIR studies under transient conditions. Their proposed reaction 
scheme is shown in Fig. 3.  
 
 
Fig. 3: Proposed reaction pathway for n-butane oxidation to MA [11]. 
 
Further proposed mechanisms are the concerted reaction mechanism and the redox couple 
mechanism [18]. The concerted mechanism is based on theoretical calculations. n-Butane is 
supposed to adsorb on the (100) plane of VPP, forming bonds which are strong enough to anchor 
the C4 until the complete reaction via butadiene. The redox couple mechanism suggests the 
activation of n-butane on a V3+/V4+-couple, while the oxidation to MA proceeds on V4+/V5+-
couples. This mechanism was deduced from experiments with high C4/O2-ratio during which 
alkenes were detected in the gas phase. 
The main carbon containing by-products which are found under industrial reaction conditions 
are CO and CO2, and in lower quantities also acrylic and acetic acid [3,25,26]. However, these 
compounds are most likely not intermediates in the path towards MA since their formation 
requires a C-C cleavage. For kinetic studies, Dente et al. [25] applied a reaction network which 
included the formation of acrylic acid and acetic acid in parallel reactions from n-butane, as well 
as their oxidation to CO and CO2. On the other hand, Huang et al. [26] detected acrylic acid and 
acetic acid also as decomposition products of MA when oxygen and MA were co-fed. 
Only few authors did also find other intermediates and by-products under conditions, which are 
similar to those applied in industrial reactors. During studies in a micro fixed bed reactor at 2 bar 
and 372-440°C with 3-12 % n-butane and 5-15 % oxygen, Huang et al. [26] detected additionally 
trace amounts of butene, furan, 2,5-dihydrofurane and even benzene and methylbenzene. In a 





similar reactor, Hess et al. [27] fed 2-8 % n-butane in air at 400-440°C. Beside COx, they detected 
furan in the outlet gas stream with up to 10 % selectivity at low n-butane conversions. However, 
in both presented works, the additional intermediates were only observed at high n-butane 
concentrations as they may be found in fluidized bed reactors, while in fixed bed reactors the 
inlet concentration is usually kept below 1.8 vol%.  
It is generally reported that the selectivity to MA is limited and decreases with rising n-butane 
conversion, while COx-formation increases [3,18]. This is debt to the presence of parallel reaction 
paths towards CO, CO2, acrylic acid and acetic acid, and on the consecutive oxidation of MA to 
CO and CO2 [18]. The presence of the latter was experimentally confirmed by various authors 
[25,26,28]. All reactions are irreversible. The relation between selectivity and conversion is 




Fig. 4: Qualitative relation between MA selectivity, yield and n-butane conversion. 
 
Taken into account the absence of intermediates and the uncertainty about the reaction 
mechanism, the selective oxidation of n-butane is generally described by a network of overall 
reactions (Fig. 5) which includes the selective reaction path, as well as the nonselective 
oxidations of n-butane and MA to CO and CO2 [3]. Some authors even consider the oxidation of 
CO to CO2 [3,29,30], although Dente et al. [25] did not find CO2 in the outlet gas after feeding 
CO during studies in a micro fixed bed reactor. As organic by-products are formed only in minor 
amounts, they are generally neglected. 
 






Fig. 5: Generally applied reaction network for the selective oxidation of n-butane. 
 
In the literature, some discrepancies appear in the treatment of the carbon oxides. For kinetic 
studies, many authors lump them together into one hypothetical COx-species [8,31,32], 
obtaining the often cited triangular reaction network. Other authors, who apply this triangular 
network, take into account the ratio between formed CO and CO2 as a fixed value [28] or by 
introducing stoichiometric parameters which are estimated experimentally [23,33,34]. In this 
case, the unselective side-reactions take a form as presented below [23], whereas the 
stoichiometric variables sBu and sMA determine the relative amounts of CO and CO2 which are 
produced by the unselective oxidations of n-butane and MA respectively. Other authors 
consider CO and CO2 in separated reactions according to the scheme in Fig. 5 [35–37]. 
 
C4H10 + (6.5 – 2 sBu) O2 → 4sBu CO + 4 (1 – sBu) CO2 + 5 H2O    (2-i) 
C4H2O3 + (3 – 2sMA) O2 → 4sMA CO + 4 (1 – sMA) CO2 + H2O    (2-ii) 
 
Further inconsistencies exist about the significance of the different formation paths of CO and 
CO2. Contractor and Sleight [38] and Brandstädter [23] found that the oxidation of n-butane 
forms more CO than CO2, while the decomposition of MA produces more CO2. On the other 
hand, the kinetic studies of Sharma et al. [33] and Becker [34] suggest that the oxidation of MA 
produces only CO while the CO/CO2 ratio from n-butane oxidation was found to be one [33] and 
1/3 [34] respectively. Also Centi et al. [35] did not find CO at low conversions and considered its 
formation exclusively by oxidation of MA, while in the network of Gascón et al. [36], CO is only 





produced by oxidation of n-butane. Schneider et al. [37] neglected the oxidation of MA 
completely and found higher formation rates for CO2 than for CO.  
Another issue, which strongly relates to the discussion about the formation of by-products, is 
the number of active sites involved and their function in the different reaction pathways. There 
is a considerable number of research works [6,7,28,39–43] which suggest that more than only 
one active site are present on the catalyst surface, and that they show different activities in the 
various reaction paths. 
Coulston et al. [42] suggested that V5+ species may play an important role in the initial hydrogen 
abstraction and in the formation of MA, while V4+ species may be responsible for by-product 
formation. This concept was also partially seized by Bej and Rao [31] and Lorences et al. [43], 
who assumed in their kinetic studies that the nonselective oxidation of n-butane takes place on 
V4+-sites while the selective reaction path and the decomposition of MA should occur on V5+-
sites. Cavani et al. [39,40] found different active surfaces showing different selectivities as a 
function of temperature and phosphorus content of the catalyst. The transient change in 
selectivity after treatment with water, as observed by Arnold and Sundaresan [41] and Uihlein 
[28], supports this assumption of different kinds of active sites. Wilkinson et al. [8], moreover, 
needed a second, different activity factor for the oxidation of MA to COx for their initial 
deactivation modeling. Centi et al. [44] even speculated about three types of active site for the 
selective and unselective oxidation of n-butane, and for the consecutive oxidation of MA 
respectively. 
However, the cited works do not further distinguish between the nonselective products. 
Different authors could indeed identify differences in the reaction paths to CO and CO2. Uihlein 
[28] found a reduced selectivity to CO at constant conversion in the presence of water. 
Comparable observations were reported by Contractor et al. [45] who found decreased CO/CO2 
ratios in the presence of water under anaerobic conditions. However, these results leave open 
if different surface sites are active in the formation of CO and CO2, or in the nonselective 
oxidations of n-butane and MA, which produce constant CO/CO2 ratios according to the 
triangular reaction scheme. The latter was recommended by Contractor et al. [45] who proposed 
that steam is active in stripping nonselective oxygen species from the catalyst surface, affecting 
preferentially the decomposition of n-butane, which produces more CO. On the other hand, 
Schlögl [46] discussed mechanistic aspects of the oxidation of propane over mixed oxides. He 
suggested that the formation of CO occurs on different active sites as compared to the 
conversion to selective oxidation products and CO2, which may be transferred to other oxidation 
reactions. 
Following the conclusions of Contractor et al. [45], various authors have also discussed about 
the presence and activity of different oxygen species [6,47,48]. Based on 18O2 labeling studies, 
Rodemerck et al. [47] suggested that a strict redox mechanism operates in the selective 
oxidation path, while adsorbed oxygen is involved in the formation of CO2. On the other hand, 
Abon et al. [48] concluded from similar experiments that the formation of COx is performed by 
lattice oxygen. Huang et al. [26] assumed in their kinetic model that only the selective reaction 





requires lattice oxygen, while the formation of CO and CO2 is carried out by adsorbed oxygen 
species. Other authors suggested that weakly adsorbed oxygen species may also contribute to 
the initial activation of n-butane [44]. In further kinetic studies, Gascón et al. [36] considered 
several parallel reaction paths to MA and CO2 by adsorbed and surface lattice oxygen, while CO 
is formed only from the oxidation of adsorbed n-butane by surface lattice oxygen.  
 
 
2.2 Bench reactor 
Kinetic experiments were carried out in a continuous flow fixed bed reactor, which is 
schematically presented in Fig. 6. The core of the reactor comprises four tubes of about 1.4 m 
length and 21 mm inner diameter, which are welded in a stirred tank containing molten salt. 
Heating elements permit precise control of the salt bath temperature (SBT) between 350 and 
450°C. Each tube contains an axial multi-point thermocouple of 3 mm diameter, which measures 
the temperature at eight points along the catalyst bed. However, the exact axial positions of the 
measurement sensors in the tubes are not known precisely. 
The catalyst loading comprises full-body catalyst shapes, which are mixed with inert rings of 
3.7/3/2 mm (da/h/di) in order to approach isothermal conditions. Inert sections before and after 
the catalyst bed ensure an optimum preheating and mixing of the reaction gas. 
The feed section comprises only n-butane and air, but no water and no phosphorus compound. 
The flow rates are controlled by mass flow controllers with thermal measurement principle 
(Brooks). A central low pressure air system in which air is compressed to 7 bar and subsequently 
dried guarantees its continuous supply. n-Butane proceeds from a heated 70 kg-cylinder.  
The outlet gas streams lead to a catalytic combustion unit, which oxidizes CO and any organic 
compounds to CO2 and water before venting to the atmosphere. Branches of all inlet and outlet 
lines unite at one multiport valve whose outlet line connects to the analytics. In order to avoid 
condensation of any compounds, all lines are heated to 230°C. 
The analytics comprise an infrared (IR, Emerson NGA2000) analyzer for the measurement of n-
butane, CO and CO2, as well as a gas chromatograph (GC, Agilent6820N with capillary column 
Restek RTX1701, 30 m) for the measurement of n-butane, MA and acrylic and acetic acid. The 
sample gas, which proceeds from the multiport valve, passes through a 6-port-2-position valve 
including a sample loop. Behind the 6/2-valve is a water flushed condenser, where any heavy 
organic components are precipitated at ambient temperature. Before entering the IR analyzer 
the gas is dried and filtered in a gas cooler. When the measurement signals in the IR analyzer 
are constant and the variance falls below a certain value, the 6/2-valve is automatically switched 
and a helium stream pushes the content of the sample loop towards the GC. 
The complete control of reactor and analytics including industrial safety standards is fully 
automated (LabVIEW, National Instruments) and permits the control of complex experimental 





sequences, ensuring non-stop operation. According to the programed experimental sequence, 
the reactor consecutively triggers the respective operating conditions and the composition of 
the outlet gas is analyzed in the IR analyzer. When steady state is reached, the control system 
commands the subsequent data acquisition of all reactor inlet and outlet sample lines until every 
sample line has been measured twice. At continuation, mass flow controllers and SBT are 
switched to the next operating state. 
 
 




In total, six different cylindrical and ring shaped catalysts (C1-C6) were used for the kinetic 
experiments which were all made from the same catalyst powder. The powder was produced 
according to the organic synthesis route, followed by calcination in air. The activation step 
comprises a thermal treatment in a steam containing atmosphere. Shapes C1 and C2 are solid 
cylinders while samples C3-C6 are ring shaped. The catalyst bodies differentiate further in 





specific surface area, particle density, BET surface area and pore dimensions (Tab. 1). The mean 
P/V-ratio was about 1.1 and the mean oxidation state of vanadium was in the range 4.1-4.2.  
 

















  𝑆?̅? ?̅?𝑝 𝐵𝐸𝑇̅̅ ̅̅ ̅̅  ?̅?𝑝 𝜀?̅? 
C1 Cylinder 1.0 1.0 1.0 1.0 1.0 
C2 Cylinder 0.7 0.9 1.0 1.4 1.1 
C3 Ring 0.9 0.9 1.0 1.5 1.1 
C4 Ring 0.8 0.8 1.1 1.8 1.2 
C5 Ring 0.9 0.9 1.0 1.9 1.0 
C6 Ring 0.8 0.9 1.2 1.5 1.1 






2.4 Experimental setup 
With the catalysts presented in the previous section, four bench experiments were carried out 
with catalyst beds of 1 m length, which contained 5-15 wt% catalyst mixed with inert steatite 
particles of 3.7 mm diameter. The amounts of the different catalyst shapes in the reactor tubes 
differed in the tests. Varying additionally the total flow rate between 100 and 300 NL/h, the 
resulting mass related gas hourly space velocity (GHSVm) ranged between 1800 and 
14800 NL/h/kGCat. The experiments were performed at pressures close to atmospheric 
pressure. The inlet concentration of n-butane and the SBT were varied between 0.7 and 2.0 vol% 
and 410 and 440°C, respectively. 
Each test was equilibrated during a period of three days at constant operating conditions (410°C 
SBT, 2500 NL/h/kGCat GHSVm and 1.5 vol% of n-butane in air). At continuation, the process 
conditions were varied stepwise. About 30 min after setting some new operating conditions, the 
inlet and outlet concentrations of the four reactor tubes were consecutively measured. After 
measuring the last tube, the sequence was repeated once more before changing the operating 





conditions. Every time after having performed several variations of n-butane concentration and 
gas flow rate at one SBT, the equilibrating conditions were reset before switching to a new SBT, 
in order to identify any irreversible changes of the catalyst performance. 
A frequent phenomenon in diluted catalyst beds is slipping, which means that part of the 
reaction gas passes through reactor sections without getting in contact with the catalyst. The 
effect on catalyst performance was investigated, amongst others, by Berger et al. [49,50]. They 
found that slipping may enhance the axial dispersion which leads to falsifications of the observed 
conversions. In order to estimate the resulting deviation (Δ), which should be less than 5 %, the 








          (2-5) 
 
In this equation, b is the dilution, X the conversion, dP the particle diameter and L the catalyst 
bed length. In the presented experiments, this 5 %-criterion was generally satisfied. Only in case 
of the highest dilution with cylinders, the deviation was up to 7 %. However, in contrast to the 
reactor applied in this work, Berger et al. [49,50] deduced their relation from experiments in a 
micro fixed bed with crushed catalyst particles because of which the results should be treated 
with caution. Another criterion for the absence of slipping is presented in [16]. In the presented 
experiments, also this 2nd relation (2-6) is satisfied, even for the highest dilution and an assumed 







< 4 ∙ 10−3        (2-6) 
 
 
2.5 Experimental results 
2.5.1 General aspects 
The applied experimental setup and process conditions permitted an investigation of the 
reaction in a conversion interval from 10 to 90 %. Altogether, around 1100 data points were 
collected. The GC measurements showed only peaks, which can be related to n-butane, MA, 
acrylic acid and acetic acid.  
Temperature measurements revealed that the average reaction temperature along the catalyst 
bed was up to 10°C higher than the SBT (Fig. 7), and hot spots up to 25°C were observed at high 
n-butane concentrations and SBTs. Hence, the applied dilution of the catalyst was not sufficient 
to achieve fully isothermal conditions. Furthermore, the measured inlet concentrations of n-





butane in each reactor tube were observed to deviate up to 0.3 vol% (absolute) as compared to 
the set point (Fig. 8), which has an additional effect on the resulting selectivity-conversion-plots. 
These aspects must be taken into account during the evaluation of experimental results.  
 
 
Fig. 7: Measured, average catalyst bed temperature (♦) at different salt bath temperatures 
(dashed line is the angle bisector). 
 
 
Fig. 8: Measured n-butane feed concentrations (♦) for different set points (dashed line is the 
angle bisector which represents the set point). 
 
For the applied flow rates of 100-300 NL/h the particle related Reynolds number (2-7) at the 
lowest temperature (410°C) ranged between 10 and 60. At equilibrating conditions 
(GHSV = 2500 NL/h/kGCat) however, the Reynolds number fell down to 5 in case of high catalyst 




























































equilibration of the 2nd test, in which three tubes were filled with 5, 10 and 15 wt% of C1. The 
respective Reynolds numbers were about 5.5, 10.1 and 12.2. While the conversion in the tubes 
with 10 and 15 wt% catalyst is almost equal, it is about 3 % lower in the tube which contained 
only 5 wt% catalyst. This indicates the presence of mass transfer limitations between gas and 
solid at conditions in which the Reynolds number falls below 10. However, such low Reynolds 
numbers appeared only during equilibration of the catalyst. Additionally, it must be taken into 
account that the measured inlet concentration of n-butane was about 0.1 vol% higher in this 
tube, which also should effect reduced conversions if the reaction order with respect to 





          (2-7) 
 
Fig. 9 and Fig. 10 show that during initial operation, the conversion generally decreased slightly 
while the MA selectivity increased. In the literature, the changing catalytic performance of a 
freshly activated catalyst during the initial operation is mostly referred to as “conditioning” or 
“equilibration”. A number of works on this subject are reviewed in [6–8]. It is generally assumed 
that the loss in activity is debt to the reduction of V5+-phases to V4+, obtaining highly crystallized 
VPP with high BET surface areas [6–8,48,51]. Wilkinson et al. [8] found a sharp decline in catalyst 
activity only during the first 5 h of operation, while the oxidation state of the catalyst started 
declining afterwards. In the presented bench reactor experiments it was not possible to collect 
more measurement data during the first 5 h of operation. Hence, the results do not serve for a 
suitable comparison with literature studies. A more extended discussion of that subject will 
follow in chapter 1. 
With respect to the reproducibility measurements at equilibrating conditions, various significant 
deviations were observed. In some cases, the conversion continued declining throughout the 
test. During the 4th bench test which was carried out with ring-shaped catalysts, this was 
observed to a minor extent for C6, and more pronounced in case of C5 (Fig. 11). Analysis of post 
mortem samples revealed reduced BET surface areas for all catalysts as compared to the fresh 
samples (Tab. 2), while the pellet porosity increased, except in the tube containing 7 % of C6. No 
significant changes in the elemental compositions were found. The slightly reduced oxidation 
state of vanadium is debt to the reduction of the catalyst under reaction conditions. 
 






Fig. 9: n-Butane conversion during equilibration of the 2nd bench test loaded with 5, 10 and 




Fig. 10: Catalyst performance during equilibration of two bench tests loaded with 7 wt% C6 and 
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Fig. 11: n-Butane conversion at equilibrating conditions during the 4th bench test loaded with 7 
and 14 % C5 and 7 and 14 % C6 respectively.  
 























𝐵𝐸𝑇̅̅ ̅̅ ̅̅   0.99 0.86 0.86 1.15 1.03 0.99 
𝜀?̅?  1.05 1.12 1.22 1.12 1.10 1.13 
𝑃/𝑉̅̅ ̅̅ ̅  1.002 1.001 0.998 1.015 1.009 1.011 
?̅?𝑜𝑥  0.998 0.952 0.955 0.990 0.957 0.952 





On the other hand, the 2nd bench test with full cylinders showed a long-term activation, which 
was relatively high in the tubes containing 10 and 15 wt% C1 (Fig. 12). It is worth noting that 
during this 2nd test some failures of the reactor control system caused very long operating times 
of the reactor at 440°C SBT. Analysis of post mortem samples of the 2nd test revealed a slight 
decline of the P/V-ratio for the tubes which contained 10 and 15 % catalyst, as well as increased 
pellet porosities for all samples (Tab. 3). The BET surface area remained almost constant. 


















7% C5 14% C5 7% C6 14% C6





excess phosphorus prevents the oxidation of the catalyst [6,52,53]. A more detailed discussion 
of this subject will follow in chapter 1. However, in this light, it is rather curious that no activation 
was observed in case of the C2 sample which also showed a reduced P/V-ratio after the test. 
The variation in pellet porosity and BET surface area indicate the progress of structural changes 




Fig. 12: n-Butane conversion at equilibrating conditions during the 2nd bench test loaded with 
15 % C2 and 5, 10 and 15 % C1. 
 























𝐵𝐸𝑇̅̅ ̅̅ ̅̅   1.00 0.99 0.99 0.99 1.00 0.99 
𝜀?̅?  1.00 1.08 1.09 1.07 1.15 1.26 
𝑃/𝑉̅̅ ̅̅ ̅  0.978 0.951 0.947 0.979 1.000 0.945 
?̅?𝑜𝑥  0.967 0.952 0.950 0.955 0.967 0.955 
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It may be resumed that due to various effects, which were observed throughout the 
experiments, the interpretation of the experimental results are to be taken with caution. 
Although for kinetic evaluation the quantitative impact of the non-isothermal reactor behavior 
and of deviations between real process conditions and set points can be taken into account in 
the reactor model, the description of changes in catalyst properties and activity are a more 
critical subject.  
 
 
2.5.2 Product distribution 
The selectivity-conversion plots for the C1 samples at 410°C (Fig. 13) and 440°C (Fig. 14) show 
that the MA selectivity generally declines with increasing n-butane conversion, while the 
selectivities to CO and CO2 increase. An extrapolation to zero conversion of the selectivity 
profiles of MA, CO and CO2 appears to give non-zero values. Hence, MA behaves as a primary 
intermediate, while CO and CO2 are final products, which are formed in reaction paths parallel 
to MA, but probably also from the consecutive oxidation of reaction intermediates. These results 
are in accordance with the literature [3,18,23] and the reaction scheme in Fig. 5. 
As also reported in the literature [23], only minor amounts of acrylic and acetic acid are formed 
during the selective oxidation of n-butane. In the presented experiments, these selectivities 
were constantly below 1 % at all conditions (Fig. 13 and Fig. 14). As the slopes of the selectivity 
profiles decreased with increasing conversion, it may be concluded that both intermediates are 
finally oxidized to CO and/or CO2. The profile of acrylic acid is similar to that of a primary gas 
phase intermediate, which is produced by n-butane on a reaction path parallel to that of MA. 
On the other hand, the selectivity to acetic acid seems to have a maximum, which is 
characteristic for secondary or higher intermediates, which form on consecutive reaction paths. 
However, it cannot be stated unambiguously whether the extrapolation to zero conversion of 
both side products gives zero selectivity. More precise experiments at low conversions, which 
would support such fundamental investigations of the reaction network, were not performed, 
since the focus of this work is the phosphorus dynamics in industrial reactors.  
Acetic and acrylic acid as secondary reaction products would be in agreement with the results 
of Huang et al. [26], who found traces of both compounds as decomposition products of MA. A 
reaction network which includes only parallel reaction paths from n-butane to acetic and acrylic 
acid, as applied by Dente et al. [25], cannot account for the observed selectivity profile of acetic 
acid. It is again accented that more profound investigations of the reaction network were not 
focused in the present work.  
 






Fig. 13: Selectivity-conversion plots for catalyst C1 at 410°C with 1.8 vol% n-butane. 
 
 
Fig. 14: Selectivity-conversion plots for catalyst C1 at 440°C with 1.8 vol% n-butane. 
 
As shown for the C1 catalyst sample in Fig. 15 and Fig. 16, the selectivity to MA declines with 
rising temperature and with reducing inlet concentration of n-butane, while the conversion 
increases. The form of the selectivity profile remains constant in each case. The observed 
temperature dependence of the selectivity is in agreement with the findings in the literature 
that the non-selective reactions present higher activation energies [18,23].  
As the selectivity-conversion plots for different inlet concentrations in Fig. 16 were obtained 
from measurements with the same set of residence times, it appears further that the n-butane 
conversion decreases with increasing inlet concentration. Hence, the reaction order with 
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the literature, which obtained reaction orders less than one [29,33] or included an inhibition by 
n-butane in their reaction rate equations [23,28]. 
 
 
Fig. 15: MA selectivity-conversion plots for catalyst sample C1 at different temperatures with 
1.8 vol% n-butane. 
 
 
Fig. 16: MA selectivity-conversion plots for catalyst sample C1 at different n-butane inlet 
concentrations at 410°C. 
 
The CO/CO2 ratio varied between about 1.2 and 1.8 during the experiments. As shown in Fig. 17 
and Fig. 18, the ratio increases with increasing temperature and with decreasing inlet 
concentration of n-butane. Furthermore, the CO/CO2 ratio declines with increasing conversion, 
but there seems to be a maximum at conversions between 10 and 40 %, depending on the 
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few data points at low conversions. Additionally, the range of the observed effect approaches 
the experimental accuracy. The same accounts for the appearance that an extrapolation to zero 
gives different values for the CO/CO2 ratio, depending again on temperature and on inlet 
concentration of n-butane.  
 
 




Fig. 18: CO/CO2-conversion plots for catalyst sample C1 at different n-butane inlet 
concentrations at 410°C. 
 
Together with the fact, that the CO/CO2 ratio is constantly higher than one, the declining trend 
at higher conversions indicates that the consecutive oxidation of MA produces more CO2 than 
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with the findings of Buchanan and Sundaresan [32], Contractor and Sleight [38], and 
Brandstädter [23], but not with those of Sharma et al. [33] and Becker [34], who found that the 
CO/CO2 ratio increased with increasing conversion, taking values smaller than one in the inlet 
zone of the reactor. However, no literature studies were found, which report of an inversion of 
the gradient of the CO/CO2 profile at lower conversions, or of the observed relation between 
CO/CO2 ratio and n-butane feed. This behavior may be debt either to the presence of the 
consecutive oxidation of CO to CO2, to polytropic effects, or to the existence of different active 
sites or reaction mechanisms for the formation of CO and CO2. 
A catalytic oxidation of CO to CO2 by lattice or adsorbed oxygen is conceivable according to the 
extended reaction schemes presented in [3,29,30]. The negative slope of the CO/CO2 profile at 
higher conversions, as well as the higher CO/CO2 ratios at lower inlet concentrations of n-butane 
may indicate further that this reaction is enhanced by the presence of water, or even that it 
occurs according to a water-gas-shift type mechanism. This is because the water concentration 
in the system increases with increasing conversion and inlet concentration of n-butane and thus, 
the equilibrium of the water-gas-shift-like reaction shifts towards CO2. Dente et al. [25] fed CO 
under reacting conditions and observed that its oxidation to CO2 is negligible. However, the 
authors did not feed CO and water simultaneously. These considerations about the unselective 
reaction paths clearly underline the necessity of further investigations, which however were not 
focus of the present work. 
The polytropic character of the test reactor causes the formation of hot spots within the catalyst 
bed, which are more or less pronounced depending on the process conditions and on the heat 
transfer properties of the reactor. The influence of the temperature profile on the CO/CO2 
profile depends then on the activation energies of the undesired side reactions. The observed 
increase of the CO/CO2 ratio with increasing temperature suggests that the activation energy for 
the formation of CO is higher than for CO2. This would also explain the changing gradient of the 
CO/CO2 profile, if this was located in the hot spot. However, higher n-butane concentrations 
cause higher reaction temperatures in a polytropic reactor, and more heat is released. Hence, 
the observation that the CO/CO2 ratio declines with increasing inlet concentration, suggests that 
it is the CO2 formation, which exhibits the higher activation energy. This was indeed confirmed 
by most kinetic studies which are found in the literature and which distinguish between CO and 
CO2 [23,26,37], but it does not account for the observed relation between CO/CO2 ratio and 
temperature. 
The most reasonable explication for the observed trends of the CO/CO2 profile is thus the 
presence of different active sites or different reaction mechanisms for the formation of CO and 
CO2. It is worth noting that most literature kinetic models are not able to explain the 
observations of the presented experiments, as they formulate equal rate equations for the 
parallel oxidations of n-butane. In the case of the triangular model, which was applied by 
Brandstädter [23] and Becker [34], this is explained as follows. If there was only one parallel 
reaction, which produces CO and CO2, the ratio of this reaction would be always constant and 
determined by the stoichiometric parameter (SBTa in equation 2-i). Hence, the extrapolation to 





zero of the CO/CO2 profile gives the same constant value, independent of the reaction 
conditions. In contrast, the presented experiments indicate that the initial CO/CO2 ratio is 
function of both, n-butane and temperature. The dependence on temperature thus, requires 
separated reactions for the unselective oxidation of n-butane with different activation energies, 
according to works of Schneider et al. [37], Huang et al. [26] and Gascón et al. [36].  
On the other hand, Schneider et al. [37] and Huang et al. [26] used the same rate equations for 
the unselective parallel reactions. Obviously, the resulting initial value of the CO/CO2 ratio is the 
quotient of the respective reaction rates. Hence, if the rate equations have equal forms, the 
CO/CO2 ratio results in the quotient of only the rate constants, which are solely function of 
temperature, but not of the concentration of any compounds. In the end, these models too, 
cannot account for the observed declining CO/CO2 ratio with increasing n-butane feed 
concentration. However, if different surface sites or oxygen species were active in the 
conversions of n-butane to CO and CO2, this would require different rate equations for the 
respective reactions. Gascón et al. [36] considered two parallel reaction paths for the formation 
of CO2 from n-butane via adsorbed and lattice oxygen, while CO is only formed from lattice 
oxygen. Depending on their final rate equations, their model could thus account for the 
observed dependence of the CO/CO2 ratio on the inlet concentration of n-butane. 
The observation that the CO/CO2 ratio increases with decreasing n-butane feed indicates that 
the formation of CO is more strongly inhibited by n-butane than that of CO2. On the other hand, 
higher n-butane feeds lead also to higher amounts of water and other reaction products in the 
reactor, because of which the product inhibition may also be different in each reaction path. A 
different inhibition by water would agree with the findings of Contractor et al. [45] and Uihlein 
[28], who observed reduced CO formation at constant conversion after adding water to the 
reaction. In accordance with the concept of different active sites, the authors of [38] suggest 
that water is active in stripping nonselective oxygen species from the catalyst surface. Uihlein 
[28] could improve his kinetic parameter estimation by introducing different inhibition 
constants, but at the expense of parameter significance. Further researchers who observed a 
relation between the addition of water and MA selectivity [39–41] did not focus their studies on 
the CO/CO2 ratio, but on modifications of the forming active catalyst surface. Their works will 
be discussed in chapter 1.  
It can be concluded that based on the presented experiments it is not possible to receive 
unambiguous evidence about the formation mechanisms of CO and CO2. However, 
inconsistencies in the state of knowledge and parallels to literature studies are obvious. A 
further investigation requires more measurements at low conversions, so as of course 
experiments, where reaction products are fed, which was not possible with the experimental 
setup and not the goal with of the present work. 
 





2.5.3 Influence of transport limitations 
In order to illustrate the influence of diffusional limitations, Fig. 19 and Fig. 20 show the 
selectivity-conversion plots for the different catalyst shapes at 410°C (Fig. 19) and 430°C (Fig. 
20) SBT. While at 410°C the profiles are very close to each other, the differences become more 
visible at 430°C. Actually, this is the first indication for the existence of diffusional resistances, 
as catalyst efficiency factors generally decline with increasing temperature. In terms of efficiency 
factor and comparing the two ring shaped samples, C5 and C6 with the two full cylinders C1 and 
C2, the following trend is observed: 
 
C6   >   C5   >   C1   ≈   C2 
 
The mass transport properties of a porous material are mainly influenced by its porosity, the 
pore size and the diffusion length, which is characterized by the specific surface area of the 
shape body. The tortuosity of the porous body may play an additional role, but this parameter 
should be similar for all catalysts of the present study and is therefore excluded for the following 
considerations. According to Tab. 1, the order related to good mass transfer properties is as 
follows: 
 
According to the specific surface area:  C1   >   C5   >   C6   >   C2 
According to the pellet porosity:  C6   >   C2   >   C5   >   C1 
According to the average pore radius:  C5   >   C6   >   C2   >   C1 
 
It appears thus that the unfavorable pore structure of the C1 sample in terms of porosity and 
pore diameter is compensated by its higher surface area, which is why these particles perform 
similar to the C2 shape, which has the lowest geometric surface area and an intermediate pore 
structure. In contrast, the C6 particles compensate their smaller surface area with a higher 
porosity, as compared to C5. In general, it seems that the beneficial pore structure of the ring 
shapes is responsible for their better performance. On the other hand, it is worth noting that 
the observed performance order actually reproduces the order of the BET surface areas (Tab. 
1). However, the BET surface area should affect primarily the activity of the catalyst, as it is 
related to the number of surface sites, which may be active in the catalytic process. A relation 
between the BET surface area and diffusion properties in terms of tortuosity may also be 
conceivable, but no related scientific literature could be found. 
 










Fig. 20: MA selectivity-conversion plots for different catalyst shapes at 1.8 vol% n-butane and 
430°C SBT. 
 
Notwithstanding the previous reflections it has to be recalled that the interpretation of Fig. 19 
and Fig. 20 is to be treated with caution because of the polytropic behavior of the bench reactor 
(Fig. 7) and the deviations between intended and real process conditions (Fig. 8). The simulation 
of the bench reactor experiments should provide more reliable information about the role of 
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3 Kinetic modeling 
In order to obtain the reaction kinetics of the selective oxidation of n-butane on the applied VPO 
catalyst shapes, the presented bench reactor experiments were used for kinetic modeling. Based 
on the experimental findings concerning reaction network and mechanism, different kinetic 
models were derived and discriminated. 
 
3.1 Bench reactor model 
Because of the dilution of the catalyst bed in the bench reactor, the exothermic reactions caused 
only small hot spots and significant radial temperature gradients are not expected. On the other 
hand, the experiments confirmed the presence of mass transfer resistances in the applied 
catalysts, because of which intra-particle diffusion must be taken into account. Hence, the 
reactor model is non-isothermal, one-dimensional and heterogeneous including a 1D-cylindrical 
model for the catalyst particles. Additionally, due to the low gas velocities applied during the 
experiments the Bodenstein numbers (3-1, [16]) were close to the transition range of 100, below 
which mixing effects may be significant. Therefore, axial dispersion was also included in the 





          (3-1) 
 
A general reactor model was deduced for spherical and cylindrical catalyst pellets, with the 
respective geometric factor in the catalyst balances, 𝜑𝑔𝑒𝑜, which takes the values 1 for full 
cylinders and rings, and 2 for spheres. The balanced phases are the solid phase (s), the fluid 
phase (f) and the fluid solid interface (sf). The latter further distinguishes between inner (isf) and 
outer (osf) surface of the ring shape, being the fraction of outer surface (𝑓𝑜𝑠𝑓) the characteristic 
parameter for their distinction. For full cylinders and spheres it is 1, while for ring shapes it takes 
values between 0 and 1. The model was written in gPROMS® (Model Builder Version 3.6, Process 
Systems Enterprise Ltd., London, 2012) and the steady state model equations are presented 
below. A detailed derivation of the balance equations can be found in the annex A.2. Given the 
moderate temperatures and pressures, the concentration terms were expressed by means of 
the ideal gas assumption. 
 
 Overall mass balance gas phase: 
𝜕
𝜕𝑧
(𝜌𝑓𝑙 ∙ 𝑢𝑧) = 0         (3-2) 
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) − 𝑎𝑝 ∙ ?̇?𝑖
𝑠𝑓 = 0      (3-4) 
 








       (3-5) 
 
Material flux between fluid and catalyst surface: 
?̇?𝑖
𝑠𝑓 = 𝛽𝑖 ∙ 𝑐𝑓𝑙
𝑓 ∙ [𝑓𝑜𝑠𝑓 ∙ (𝑥𝑖
𝑜𝑠𝑓 − 𝑥𝑖
𝑓
) + (1 − 𝑓𝑜𝑠𝑓) ∙ (𝑥𝑖
𝑖𝑠𝑓 − 𝑥𝑖
𝑓
)]   (3-6) 
 









𝑠 + ∑ 𝜈𝑖,𝑗 ∙ 𝑟𝑗𝑗 ∙ 𝜌𝑝 = 0      (3-7) 
 








        (3-8) 
 




(?̇?𝑓,𝑐𝑜𝑛𝑣 + ?̇?𝑓,𝑑𝑖𝑠𝑝 + ?̇?𝑓,𝑐𝑜𝑛𝑑) + 𝑎𝑝 ∙ (?̇?
𝑠𝑓 + ?̇?𝑠𝑓) −
2
𝑅𝑇
∙ ?̇?𝑤 = 0  (3-9) 
 





        (3-10) 
 
Heat transfer to the coolant (salt bath): 
?̇?𝑤 = 𝑈𝑊 ∙ (𝑇
𝑓 − 𝑇𝑆𝐵)        (3-11) 
Heat transfer between fluid and solid: 





?̇?𝑠𝑓 = 𝛼𝑝 ∙ (𝑇
𝑠𝑓 − 𝑇𝑓)        (3-12) 
𝑇𝑠𝑓 = 𝑇𝑜𝑠𝑓 = 𝑇𝑖𝑠𝑓        (3-13) 
 
 Energy balance catalyst particle: 
𝜕
𝜕𝑟𝑝
(?̇?𝑠 + ?̇?𝑠) +
𝜑𝑔𝑒𝑜
𝑟𝑝
∙ (?̇?𝑠 + ?̇?𝑠) + ∑ ∑ 𝜈𝑖,𝑗 ∙ 𝑟𝑗𝑗 ∙ 𝜌𝑝 ∙ ∆𝐹𝐻𝑖
∗
𝑖 = 0   (3-14) 
 





         (3-15)  
 
 Boundary conditions solid: 
𝑟𝑝 = 𝑅𝑝,𝑜𝑢𝑡𝑒𝑟: 
?̇?𝑖
𝑠|𝑅𝑝,𝑜𝑢𝑡𝑒𝑟 = ?̇?𝑖




)     (3-16) 
?̇?𝑠|𝑅𝑝,𝑜𝑢𝑡𝑒𝑟 = ?̇?
𝑜𝑠𝑓 = 𝛼𝑝 ∙ (𝑇
𝑠𝑓 − 𝑇𝑓)      (3-17)  
 








)     (3-18)  
?̇?𝑠|𝑅𝑝,𝑖𝑛𝑛𝑒𝑟 = ?̇?
𝑖𝑠𝑓 = 𝛼𝑝 ∙ (𝑇
𝑠𝑓 − 𝑇𝑓)      (3-19)  
 














= 0        (3-21) 
 




         (3-22) 
𝑇𝑓|𝑧=0 = 𝑇
𝑠|𝑧=0 = 𝑇
𝑆𝐵        (3-23) 





In the heat balances, the terms denominated by ?̇? refer to heat transfer by conduction or 
convection, while ?̇? is the conserved quantity by mass transport. In the case of the ring shapes 
the temperature at the inner and outer ring wall are assumed to be equal as the intra-particle 
temperature gradients generally are of minor significance as compared to the external 
differences [54,55]. On the other hand, significant concentration gradients inside the catalyst 
particle may effect different concentrations at the inner (𝑥𝑖
𝑖𝑠𝑓




An important issue is the geometrical description of the catalyst particles, which affects the 
material and energy balances of the solid phase (equation (3-7) and (3-14)). For ideal spheres, 
cylinders, and plates, the geometric factor, φgeo, is 2, 1 and 0 respectively. However, the applied 
full cylinders and rings cannot at all be considered as ideal shapes, as they present low height-
to-diameter ratios, while for ideal cylinders the ratio is infinitely large. On the other hand, taking 
into account the real particle surface-to-volume ratio, Sv, which characterizes the diffusion path 
in the catalyst pellet, the real catalyst geometry can be transformed into that of an equivalent 
ideal shape. In case of rings, the fraction of outer surface, 𝑓𝑜𝑠𝑓, of the real shape must be 
additionally taken into account. Finally, the equivalent radii, which have to be used for 







          (3-24) 
 














       (3-26) 
 
A geometry characteristic which may serve as an indicator for which model to choose, is the 
sphericity of a particle which is defined as the ratio of the area of a volume equivalent sphere to 
the area of the particle. For the full cylinder shapes of the present work the sphericity was about 
0.9, while for the ring shapes it was around 0.6. This suggests that the sphere model may 
describe the applied full cylinders, but in case of the rings, the cylindrical model may fit better. 
However, it finally has to be tested during the simulations, which is the best option for each 
shape. 
As the reactor operates at relatively high temperature and low pressure, ideal gas behavior was 
assumed. The material properties were derived from the DIPPR database accounting for their 
dependence on temperature, pressure and gas phase composition.  





The coefficients for heat and mass transfer between gas and solid, as well as the coefficients for 
axial dispersion are calculated according to the correlations found in [56,57] (see annex A.3). 
Because of the high dilution of the reacting compounds in air, the diffusion in the catalyst pellet 
is described by the classical Fickian model with an effective diffusion coefficient expressed by 
equation (3-27) in which 𝐷𝑖,𝑚𝑖𝑥 contains the molecular diffusion according to Fuller [15] with 
the mixing rule according to Wilke [55]. For the applied catalyst and operating conditions, the 
Knudson diffusion term was estimated to have no major influence on the overall diffusivity being 
in the same order of magnitude as the term for molecular diffusion (1.5-3.0*10-5 m²/s) in case 
of all components. The unknown thermal conductivity of the catalyst was assumed to 0.1 W/m/K 














        (3-27) 
 
Fig. 21 shows some simulated profiles of the concentrations of n-butane and MA, and of the 
temperature inside the catalyst for the spherical and the ring shape model. In case of the ring 
shaped particles the profiles present a maximum/minimum close to the center of the ring wall 
(rp/(Rp,outer - Rp,inner) > 0), while for the spherical particles the gradients are zero at the center of 
the sphere (rp/ Rp = 0). The faintly visible maximum of the MA concentration at about rp/Rp = 0.6 
is debt to temperature effects. The maximum predicted temperature gradients are around 3 K. 
 
 
Fig. 21: Simulated concentration and temperature profiles for the spherical (left) and the ring 
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In general, models for packed beds must account for the radial heat transport through both, the 
fluid and the solid phase. In case of pseudo homogeneous reactor models, which do not distinct 
between fluid and solid phase, this is usually done by lumping together the contribution of both 
phases into one effective heat conductivity parameter. In contrast, heterogeneous models, 
which imply separate balances for fluid and solid, theoretically require two heat conductivity 
parameters. However, as global heat transfer parameters for packed beds are usually derived 
from pseudo homogeneous models, a common method in case of one-dimensional and 
heterogeneous reactor models is describing the radial heat transport only through the gas phase 
[16,55], using the above mentioned effective parameter. This procedure was also applied in the 
presented model for the bench reactor. The solid only exchanges heat with the gas phase, which 
then carries out the heat transfer to the reactor wall. According to [55], the final heat transfer 
coefficient, 𝑈𝑊, which describes the overall temperature gradient between catalyst bed and 
coolant in one-dimensional reactor models, consists of a series connection of the following 
resistances: the effective radial conductivity of the catalyst bed (𝜆𝑟
𝑒𝑓𝑓
), the heat transfer 
between catalyst and reactor wall (𝛼𝑊), the conductive heat transport through the wall (𝜆𝑟
𝑤) 
and heat transfer between wall and coolant (𝛼𝑆𝐵). In the presented reactor model 𝜆𝑟
𝑒𝑓𝑓
 and 𝛼𝑊 

















      (3-28) 
 
The resulting simulated temperature profiles are of the form as presented in Fig. 22. After 
reaching the hot spot temperature with a high initial slope, the gradient in the remaining section 
is lower due to the dilution of the catalyst. It is worth noting that the simulated maximum 
temperature differences are in the same range as the values, which were measured during the 
experiments. However, a more precise evaluation is not possible as the exact positions of the 
temperature sensors in the catalyst bed were unknown. 
 






Fig. 22: Simulated catalyst temperature profiles at 410 and 440°C SBT at the following 
conditions: 2680 NL/h/kGCat GHSV, 1.8 vol% n-butane. 
 
 
3.2 Kinetic model 
There are various ways to categorize the large number of kinetic studies, which have been 
published since the early 1980s. Different Hougen-Watson and redox type approaches have 
been presented for the description of steady state kinetic experiments, while several authors 
also derived more detailed redox models from transient experiments. Further differences in the 
scientific literature arise from varying considerations about reaction scheme and mechanism.  
As presented in section 2.1, steady state Hougen-Watson type equations were applied for the 
triangular reaction scheme by Sharma et al. [33], Uihlein [28], Becker [34] and Brandstädter [23]. 









 i = n-Bu, MA j = MA, COx k = n-Bu, H2O, MA  (3-29) 
 
In the works of Uihlein [28], Becker [34] and Brandstädter [23] the reaction order of the 
hydrocarbon (𝜊1,𝑖,𝑗) is one and that of oxygen (𝜊2,𝑖,𝑗) is 0.5. Only Uihlein [28] used 0.25 for the 
oxidation of MA. In the same works, the reaction is inhibited by n-butane and water, while the 
exponent of the denominator (𝜊3,𝑖,𝑗) is one. Their resulting kinetic model may be derived 
according to an Eley-Rideal mechanism, where the gas phase hydrocarbon reacts with adsorbed 
oxygen, which competes with water and n-butane for free adsorption sites. All adsorption 
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complex conversion of n-butane to MA unlikely occurs by single collision between n-butane and 
adsorbed oxygen, which is the fundamental assumption of the Eley-Rideal mechanism. In this 
case it rather means that the rate determining step is the activation of n-butane from gas phase 
on an oxidized site. The validity of such simple Hougen-Watson type models for this reaction 
further bases on a sufficiently good description of experimental observations. The same 
accounts for the apparent temperature independence of adsorption constants. 
In the model of Sharma et al. [33], only product inhibition by MA was included and the exponent 
of the denominator of the decomposition reaction (𝜊3,𝑀𝐴,𝐶𝑂𝑥) is 2. However, the authors did not 
feed MA to their test reactor. Taking into account that the concentration profiles of MA and 
water are increasing along the reactor, their estimated product inhibition may thus actually refer 
to water, as it was observed by several authors [28,41,45]. An inhibition by MA was 
experimentally confirmed by Buchanan and Sundaresan [32], and even excluded by Uihlein [28]. 
The reaction order of n-butane in the model of Sharma et al. [33] is 0.54 and all reaction rates 
are independent of the oxygen concentration. 
Langmuir-Hinshelwood-Hougen-Watson type rate equations were also applied by Dente et al. 
[25]. The authors included additionally the formation and decomposition of acrylic and acetic 
acid in their reaction scheme, and CO and CO2 were considered separately. Unfortunately, 
neither the final rate equations nor kinetic parameters were presented in their paper. 
Different redox approaches for the triangular reaction scheme were applied by Buchanan and 
Sundaresan [32], Bej and Rao [31] and Lorences et al. [43]. The model of Buchanan and 
Sundaresan [32] may be deduced according to the standard Mars-van-Krevelen mechanism. The 








  i = n-Bu, MA j = MA, COx    (3-30) 
 
The authors observed product inhibition by MA and water, which was lumped together into one 
inhibition constant. Assuming either 0.5 or 1 for the exponent of the oxygen concentration gave 
results of similar quality. Uihlein [28] did also try a more detailed form of the Mars-van-Krevelen 
model according to equation (3-31), which contained an additional inhibition by water. 
However, he obtained better results with the Eley-Rideal model. Obviously, the form of equation 






0.5   i = n-Bu, MA j = MA, COx (3-31) 
 





The steady state redox model of Bej and Rao [31] is more complex as it includes different active 
sites for the selective and unselective reaction paths. While MA is produced on V5+-sites, the 
decomposition of n-butane and MA to COx occurs on V4+-sites which are further reduced to V3+.  
Lorences et al. [43] observed CO overshoots after switching from reducing to oxidizing 
atmosphere during dynamic experiments, from which they assumed that the unselective parallel 
reaction occurs through chemisorbed n-butane on V4+-sites which react with gas phase oxygen. 
The selective oxidation and the decomposition of MA are carried out on V5+-sites. Although they 
could not confirm the same behavior for CO2 because of analytical limitations, CO and CO2 were 
lumped together according to the triangular reaction scheme. Including the catalyst oxidation 
and the irreversible chemisorption of n-butane the final kinetic model was composed of five 
elementary reactions with first order rate laws. 
Hess et al. [27] observed furan selectivities up to 10 % during steady state experiments under 
fuel rich conditions, which was hence included in their kinetic model as an intermediate. 
According to the redox models of Buchanan and Sundaresan [32] and Uihlein [28], all 
hydrocarbon oxidation reactions were considered to be performed by the same lattice oxygen 
site, which is subsequently reoxidized by gas phase oxygen. Each reaction rate is of first order 
with respect to the gas phase compound and the catalyst surface site. The authors could further 
simulate unsteady state experiments with their model. Thereby, the course of selectivities to 
furan and MA fit well with the simulated dynamics of oxygen storage in the catalyst. 
Wang et al. [29,30] carried out separated oxidation and reduction experiments in an oscillating 
microbalance reactor. For the reduction of the catalyst a reaction scheme was proposed which 
combined the selective and unselective oxidation of n-butane by lattice oxygen into only one 
reaction with adjustable stoichiometric parameters. The decomposition of MA, so as the 
oxidation of CO by lattice oxygen were neglected for kinetic modeling. The authors found that 
the reaction order of the catalyst reduction is 0.4 with respect to n-butane and 4 with respect 
to lattice oxygen. A mechanistic explanation of these numbers was not given. The reoxidation 
has the order 0.55 with respect to gas phase oxygen. The latter finding was supposed to be debt 
to an intermediate adsorption of molecular oxygen. The authors further estimated that the total 
oxygen capacity corresponds to the reduction of vanadium of about five surface layers, whereas 
the diffusion of lattice oxygen is not a limiting factor. 
More detailed redox models which consider CO and CO2 separately were presented by Huang et 
al. [26] and Gascón et al. [36]. They considered different mechanistic steps and expressed the 
respective reaction rates by first order laws. Huang et al. [26] assumed that MA is formed by 
lattice oxygen while the unselective oxidation of n-butane and MA to CO and CO2 occurs through 
adsorbed oxygen. Their kinetic model includes thus, the adsorption of oxygen, which 
consecutively reacts with the surface to form lattice oxygen, and additionally, the diffusion of 
lattice oxygen into the bulk. Furthermore, n-butane was assumed to react with first order from 
the gas phase, while MA decomposes from an adsorbed state. Their final kinetic model includes 
nine reactions. 





The model of Gascón et al. [36] includes the same oxygen species as [26] and also comprises 
nine reactions. Accordingly, n-butane can be oxidized from the gas phase by adsorbed oxygen 
or from an adsorbed state by surface lattice oxygen. The former gives only MA and CO2, while 
the latter additionally produces CO. The decomposition of MA was only considered according to 
one reaction between gas phase and surface lattice oxygen, which produces only CO2. 
Discrepancies in the presented kinetic models may arise among other things from the catalyst 
and the investigated reaction conditions, as well as from the fact if whether dynamic or steady 
state experiments were evaluated. For example, Buchanan and Sundaresan [32] found different 
kinetic parameters for two tested catalysts as a function of the P/V ratio. Lorences et al. [43] 
reported that they could not describe transient and steady state experiments with the same 
kinetic parameters. One reason may be the proper dynamic of complex structural changes which 
occur on the active surface as a function of reaction conditions and catalyst properties [39,40]. 
Another reason is surely the lack of knowledge about the real reaction mechanism. 
For the purpose of developing a kinetic model for the description of the experiments of the 
present work, a couple of requirements may be deduced from the statements in section 2.5.2: 
 
 The only products to be considered are MA, CO, CO2 and water, while acrylic and acetic acid 
may be neglected. 
 CO and CO2 must be considered separately. 
 The mechanism of CO formation is different as compared to the formation of CO2. 
 The reaction is inhibited by n-butane 
 As found by different authors [28,41,45] and in own pilot reactor experiments which will 
be presented in chapter 1, the reaction is inhibited by water. 
 
The 1st condition results from the measured product distribution, whereas the selectivity to 
acrylic and acetic acid was constantly below 1 mol%. The 2nd and the 3rd conclusion yield from 
the observed trends of the CO/CO2 profiles. Additionally, a correct treatment of the unselective 
side reactions should be of major importance for the simulation of industrial scale reactors. This 
is because of the strongly different reaction enthalpies (CO from n-butane: -1521 kJ/mol, CO2 
from n-butane: -2656 kJ/mol) which will significantly determine form and height of the 
temperature profile.  
It is worth noting again that none of the above presented literature models is able to account 
for all these requirements. Although the dynamic models of [26,36] may provide some ideas for 
a more detailed description of the CO and CO2 reaction paths, they include too many parameters 
and they do not account for the influence of water. At continuation, some new simple steady 
state models are proposed which are similar to those of Uihlein [28] and Buchanan and 
Sundaresan [32], but which account for the above listed requirements. The consequence of the 
different mechanism of the CO formation is then a different kinetic expression as compared to 





the other reactions. The proposed models are listed in Tab. 4. A detailed derivation of the 
proposed rate equations can be found in the appendices. The five considered reactions are 
shown below ((3-i)-(3-v)). The simulations showed that the inclusion of the oxidation of CO to 
CO2 was not necessary. 
 
Tab. 4: Proposed kinetic models 




























































 i = Bu, MA;   j = CO   (3-39) 
 
 
C4H10 + 3.5 O2 → C4H2O3 + 4 H2O       (3-i) 
C4H10 + 4.5 O2 → 4 CO + 5 H2O        (3-ii) 
C4H10 + 6.5 O2 → 4 CO2 + 5 H2O        (3-iii) 





C4H2O3 + O2 → 4 CO + H2O        (3-iv) 
C4H2O3 + 3 O2 → 4 CO2 + H2O        (3-v) 
 
The first Hougen-Watson type kinetic model which corresponds to the Eley-Rideal approach of 
Uihlein [28], Becker [34] and Brandstädter [23] is hereafter denominated HW1. It includes the 
adsorption of water and n-butane on free surface sites while the surface concentration of 
adsorbed oxygen is supposed to be negligible. In all derived Hougen-Watson type kinetic models, 
the reaction step is rate determining. 
The second Hougen-Watson type model, HW2, is obtained analogously to HW1. The only 
difference is that the formation of CO from n-butane is performed by the reaction of adsorbed 
n-butane and oxygen according to a Langmuir-Hinshelwood mechanism. 
Another option is to apply the Eley-Rideal approach to all five reactions, according to the works 
of [23,28,34], but with different inhibition constants for the CO formation. Actually, Uihlein [28] 
could improve the simulation of his experiments by introducing different adsorption constants, 
although at the cost of reduced statistical quality of the parameter estimation results. The 
assigned HW3 model assumes that the CO formation takes place on different active sites and is 
differently inhibited by n-butane, while the inhibition of water is equal for all reactions. Also the 
redox type model, RO, postulates that two different sites are formed by the catalyst oxidation 
reaction. One of these sites produces CO and the other produces MA and CO2 by reaction with 
gas phase hydrocarbon. The quasi steady state principle applies for the oxidized sites, while 
water adsorption on reduced sites reaches equilibrium. 
Neglecting the dependence on temperature of any inhibition constants, the HW1 and HW2 
model include seven parameters, while the HW2 and the RO model include eight. Except of 
HW1, all kinetic approaches are able to account for the experimental finding that the CO/CO2 
ratio is higher than one, but increases with decreasing inlet concentration of n-butane. They 
even may describe the observation of Uihlein [28], and Contractor et al. [45] that the CO/CO2 
ratio is reduced at higher inlet concentrations of water. In the HW2 model, these properties are 
obvious as the denominator for the formation of CO by n-butane is squared. In case of the HW3 
and the RO model, the effects of n-butane and water on the CO formation can be described if 
𝐾𝐵𝑢,2 is higher than 𝐾𝐵𝑢,1. 
 
 
3.3 Parameter estimations 
Parameter estimations for the above presented kinetic models were conducted with the 
parameter estimation module of gPROMS®. In total, 390 steady state analyses were used. The 
respective solution algorithm of gPROMS® implies the solution of the reactor model for each 





respective operating conditions and compares the simulated concentrations to the 
experimental values. The numerical solver for parameter estimations then varies the model 
parameters according to a combined search and gradient method, and resolves the model again. 












2𝑖 }      (3-40) 
 
In this function 𝑁 is the total number of measurements, 𝜎𝑖 is the variance of measured variable 
i, and ?̃?𝑖 and 𝑥𝑖 are calculated and experimental value of measured variable i. 
As described in the experimental section, the formation of acrylic and acetic acid may be 
neglected. Therefore, it can be assumed that all converted n-butane, which does not react 
towards CO or CO2, produces MA. As further on, the six components of the considered reaction 
system (n-butane, MA, CO, CO2, oxygen and water) may all be expressed by the general formula 
CxHyOz, the concentrations of only three key components suffice for the description of the 
measured product distribution. Hence, the outlet concentrations of n-butane, CO and CO2, 
which were measured in the IR-analyzer, are sufficient for data evaluation. The concentrations 
of MA, water and oxygen are then calculated according to the elemental balances of carbon, 
hydrogen and oxygen respectively. As compared to the GC analysis, the committed error in the 
determination of the MA concentration was always below 5 %. 
For the measured concentrations, a linear variance model was chosen according to equation (3-
41). The relative error, γ, was assumed to be 1 % and the offset, δ, was set to 0.03 %, as it is 
specified by the manufacturer of the IR-analyzer. 
 
𝜎𝑖
2 = (𝛾 ∙ 𝑥𝑖 + 𝛿)
2           (3-41) 
 
An Arrhenius type dependency was assumed and the kinetic constants were re-parametrized 
according to equation (3-42) in which 𝑘𝑖,𝑗
𝑟𝑒𝑓
 is the kinetic constant at a reference temperature, 
𝑇𝑟𝑒𝑓, for which 420°C was chosen. As the employed catalyst samples presented different BET 
surface areas, the kinetic constants were further multiplied by the normalized actual BET surface 
area for each catalyst shape respectively (equation (3-43)). According to similar, above 
presented literature models [23,28], the temperature dependence of the inhibition constants in 
all applied kinetic models was found to be not significant during the parameter estimations and 
were hence neglected. The parameters to be estimated were the five kinetic constants at 
reference temperature, 𝑘𝑖,𝑗
𝑟𝑒𝑓
, with the corresponding activation energies, 𝐸𝑖,𝑗, the inhibition 
constants, 𝐾𝑘, as well as the tortuosity factor as this could not be estimated separately.  
 
















)]       (3-42) 
𝑘𝑖,𝑗
∗ = 𝑘𝑖,𝑗 ∙ 𝐵𝐸𝑇̅̅ ̅̅ ̅̅          (3-43) 
 
It is worth noting that the kinetic modeling in this part considers steady state only. That means 
that no dynamic effects are included. Irreversible ongoing changes in catalyst performance as 




With respect to the choice of the pellet model, the best fit was obtained, when full cylinder and 
ring shapes were described with the cylindrical model. The dimensions of the real particles were 
transformed according to equations (3-25) and (3-26). In terms of objective function, all 
proposed kinetic models were able to describe the experiments similarly well, varying the sums 
of weighted residuals (3rd term in equation (3-40)) in a range of 5 % (Tab. 5). It is remarkable that 
the HW1 model, which is the only one that cannot account for the observed CO/CO2 profiles, 
gives still slightly better results than models HW2 and RO1. The best fit was obtained with the 
HW3 model, although the objective function is only 2 % lower than that of HW1. The reason for 
this may be the existence of too few measurements at low conversions in addition to the similar 
magnitude of real effect and experimental deviation. Therefore, the slight increase in CO/CO2 
ratio with decreasing n-butane concentration, so as the apparent changing slope of the CO/CO2 
profiles at low conversions may appear statistically not significant. 
 
Tab. 5: Relative values of the sum of weighted residuals for the different kinetic models 




1.03 1.04 1.00 1.05 
 
 
Fig. 23 compares the measured profiles with those simulated using HW3 for the three cases, 
which had been discussed in section 2.5.2 (Fig. 17 and Fig. 18). Actually, the observed trends are 
not reproduced appropriately by the model. Obviously, the lines for 1.8 % and 1.0 % n-butane 
at 410°C are almost identical, although the 1.0 % curve should be higher. The simulated CO/CO2 
profile for 440°C is also too high. However, it must be taken into account that the measured 





points of one set of SBT and n-butane concentration correspond to the analysis at different total 
flow rates and catalyst dilutions. Consequently, each measurement was generated at different 
profiles of heat generation and temperature. Therefore, a comparison to the measured profiles 
is to be taken with caution. On the other hand, the measured selectivity profiles can be 
reproduced very well by the model HW3 (Fig. 24). It is worth noting that the deviations with the 
other models were significantly higher in terms of both, qualitative trends and absolute values 
(see Annex A.5). As discussed in section 3.2, a quantitative correct description of the selectivity 
profiles is considered to be essential for further simulations of polytropic industrial reactors 
because of which in this work is proceeded with the HW3 model. 
 
 
Fig. 23: Measured and simulated CO/CO2 profiles at different SBT and n-butane inlet 
concentrations. Simulation: HW3 model, 165 kg/m³ catalyst C1. 
 
 
Fig. 24: Measured and simulated MA selectivity-conversion plots at different SBT and n-butane 
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The parity plots too, which are shown for the HW3 model in Fig. 25, indicate very good fits as 
deviations between model and experimental values are mostly within 10 % (solid lines). This also 
suggests that a too high variance of the CO and CO2 analysis and the too low number of 
measurements at low conversions eliminate the statistical significance of the experimental 
observations in the CO/CO2 profiles.  
 
 
Fig. 25: Parity plot of the measured outlet concentrations of n-butane, CO and CO2 for the HW3-
model (solid lines mean 10 % deviation). 
 
The optimum parameters are given in Tab. 6. As the purpose of the presented kinetic study 
however is the simulation of the applied pilot reactor in which significant temperature profiles 
form, a quantitatively correct description of the selectivity profiles is considered to be of high 
importance. This is debt to the huge differences in reaction enthalpy of the MA, CO and CO2 
formation reactions, which thus have an important influence on form and magnitude of the 
temperature profile in the industrial reactor. Hence, the HW3 model should be most suitable for 
this purpose. For the sake of completeness the parameter estimation results for the other 
models can be found in the appendices (A.5). 
The 95 % confidence intervals appear relatively high, marking deviations up to 40 % of the 
optimum estimates. The determined activation energies are in the same range as compared to 
literature steady state kinetic models [23,28,33]. According to the findings of Brandstädter [23], 





and Sharma et al. [33], and also in agreement with the experimental observations in this work 
(2.5.2), the non-selective oxidations present higher activation energies than the selective 
reaction path. Also the lower value of the inhibition constant for water as compared to n-butane 
was reported in the works of [23,28]. The n-butane inhibition of the CO producing reactions is 
only slightly higher than that for the other reactions. According to Fig. 23 this difference is not 
sufficient in order to correctly describe the observed COx-profiles which was the initial purpose 
of introducing this additional inhibition constant. On the other hand, the HW3 model still gives 
the best results in terms of parity plots and reproduction of selectivity profiles. 
 
Tab. 6: Parameter estimation results for the HW3 model 





𝐴   kJ/mol 86.6 7 
2 𝐸𝐵𝑢,𝐶𝑂
𝐴   kJ/mol 105.3 8 
3 𝐸𝐵𝑢,𝐶𝑂2
𝐴   kJ/mol 108.2 14 
4 𝐸𝑀𝐴,𝐶𝑂
𝐴   kJ/mol 105.5 44 
5 𝐸𝑀𝐴,𝐶𝑂2
𝐴   kJ/mol 119.7 32 
6 𝐾𝐵𝑢,2  bar
-1 429.3 130 
7 𝐾𝐻2𝑂  bar
-1 88.4 18 
8 𝐾𝐵𝑢,1  bar
-1 399.2 120 
9 𝑘𝐵𝑢,𝑀𝐴
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 663.0 150 
10 𝑘𝐵𝑢,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 114.5 43 
11 𝑘𝐵𝑢,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 68.2 19 
12 𝑘𝑀𝐴,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 35.6 4 
13 𝑘𝑀𝐴,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 29.4 3 
14 τ - 2.5 0.3 
 
 
Minor correlations appeared when any of the kinetic models was applied. In case of HW3, 
correlations appeared between the inhibition constant 𝐾𝐵𝑢,1 and the kinetic constants for the 




, as well as between the 
activation energies of both CO producing reactions (Tab. 7). Beside of the huge number of 
included measurements, which should imply higher measurement variances, the reasons for 





these statistical inconsistencies may be various. One is certainly the lack of experiments in 
which MA and water are fed, as this was not possible with the employed bench reactor. Such 
experiments would surely improve the estimation of inhibition constants, so as the kinetics of 
MA decomposition. Also the observed activating and deactivating effects during the different 
bench tests (section 2.5.1) should have an influence on the parameter estimation results. 
With respect to the influence of pore diffusion on the overall reaction rates, the estimated value 
for the tortuosity factor is 2.53, which is within the typical range [16]. In order to quantify the 
diffusional resistances for each catalyst shape, pore efficiency factors may be calculated 
according to equation (3-44). Values ranged between 23 % and 55 %, whereas the lower bound 
corresponds to high reaction temperatures. Average pore efficiency factors at 410°C SBT are 
presented in Tab. 8. Obviously, the observed performance order (section 2.5.3) is not 
reproduced by the pore efficiency factor, but by the BET surface area. This means that the higher 








𝑠𝑓          (3-44) 
 
It can be concluded that the available bench reactor configuration, whose purpose is the 
screening of catalysts, is not completely suitable for detailed kinetic modeling because of the 
following reasons. It was not possible to establish isothermal conditions without risking 
channeling effects in the diluted catalyst beds. Additionally, the reactor setup did not permit the 
dosage of reaction products to the reactor, which would be necessary in order to doubtlessly 
identify the reaction network, as well as the influence of reaction products on particular reaction 
paths and product distribution. It would also serve for a more accurate determination of the MA 
decomposition kinetics. Another important aspect is the apparently changing catalyst 
performance with time on stream during some of the experiments. The limited availability of 
the reactor may be mentioned as a further constraint. Because of high utilization of the reactor 
for different research purposes, no further experiments at low conversions could be performed. 
Nevertheless, it must be emphasized that despite these constraints, the variety of experiments 
could be described very well by the model developed. Taking into account the large number of 
included experiments, the parity plots (Fig. 25) confirm a very good fit. Although the exact trends 
in the observed CO/CO2 profiles could not be reproduced completely, the quantitative 
deviations are minor. Additionally, the excellent description of pore diffusion limitations must 
be highlighted. Applying an effective Fickian diffusion model, various different particle 
geometries could be described with one kinetic model. This was possible by using spherical and 
cylindrical pellet models with equivalent particle geometries for the different shapes.   





Tab. 7: Correlation matrix for the HW3 model 




























































































































































































































































































































































































































































































𝐵𝐸𝑇̅̅ ̅̅ ̅̅  
   % m²/g 
C6 1 41.5 1.15 
C5 2 50.8 1.02 
C1 3 43.6 1.00 
C2 4 38.0 1.00 
* The normalized value ?̅?𝑖  of a parameter 𝐴𝑖  is defined as the ratio between 𝐴𝑖  and a reference 
value 𝐴𝑖
𝑟𝑒𝑓
. 𝐵𝐸𝑇𝑟𝑒𝑓 = 24.3 m²/g. 
 
As the purpose of the kinetic experiments was to obtain a simple kinetic model, which can be 
applied to different VPO catalyst shapes in an industrial scale fixed bed pilot reactor, the 
modeling results of this section are thus absolutely satisfactory. For more detailed studies of 
micro kinetics and reaction mechanism, different kind of experiments would be necessary in 
more appropriate reactor types, such as differential reactors or micro-structured reactors which 
present improved heat and internal mass transfer characteristics as shown by Guettel and Turek 
[58]. 





4 Phosphorus Dynamics 
4.1 Introduction 
The patent literature offers some clues about the causes and consequences of the dynamic 
behavior of VPO catalysts in the commercial MA production. Becker et al. [9] found that the MA 
yield can be optimized at established reactor operation, introducing continuously an amount of 
a suitable phosphorus compound. They assume that the catalyst loses phosphorus at a small 
level and that this loss is associated with a decreasing catalyst performance. Thereby, the 
selectivity and the temperature necessary to obtain the desired conversion decrease. The 
authors observed that the addition of phosphorus prevents a decline in selectivity without 
increasing significantly the necessary reactor temperature. 
Click et al. [10] claimed steam regeneration of their phosphorus treated VPO catalysts in a fixed-
bed reactor. They found that after the successive treatment with a phosphorus compound and 
steam the temperature profile of the fresh catalyst could substantially be restored increasing 
again selectivity and yield. The steam was supposed to remove phosphorus from the inlet part 
distributing it to the remainder of the catalyst bed. 
Edwards et al. [11] claimed continuous regeneration of the catalyst in a fixed-bed reactor by 
feeding a hydrocarbon ester of phosphoric acid together with water. The addition of these 
compounds would serve to deactivate high temperature regions moving the hot spot towards 
the center. The resulting more isothermal temperature profile would facilitate a further increase 
of the MA-yield. 
Ebner et al. [12] found an optimum range for the dosage of trimethyl phosphate (TMP) in the 
fixed bed reactor in order improve the performance of the VPO catalyst. They also assumed loss 
of phosphorus of the catalyst displacing the P/V-ratio into a region less favorable to selectivity. 
The sorption of the added phosphorus may restore the optimum P/V-ratio. The incorporation 
of moisture into the feed was supposed to promote the distribution of phosphorus over the 
catalyst bed as it would adsorb excessively in the inlet zone if water in the gas stream was absent. 
Haddad et al. [13] improved the performance of a fluidized bed reactor by adding catalyst 
particles to the reactor, previously impregnated with an alkyl ester of phosphoric acid. This 
procedure presented the advantage of not having to increase the reaction temperature as it is 
necessary in case of a continuous phosphorus addition. 
Reaction mechanism and nature of the active vanadium phases on the VPO surface have been 
debated for decades but they are still not fully resolved. Several faces of the vanadium 
pyrophosphate crystals and different redox couples have been proposed while during the last 
decades different orthophosphate species and their role in the reaction mechanism were 
discussed [6,7,18,22,39,40,42,59–63]. A particular subject of the debate, however, is the theory 
that a highly dynamic surface forms on the vanadium pyrophosphate (VPP) precursor under 
reacting conditions, which is composed of various VPO phases [39,40,64] as a function of 





operating conditions. With respect to the phosphorus issue in the commercial application, an 
important aspect of this view on the catalyst surface is the role of water during these dynamic 
changes. It is supposed that water promotes the formation of surface phosphates which in turn 
may be released to the gas phase [24,64–66].  
Regarding the relation between phosphorus content and catalyst performance, it is generally 
assumed that excess phosphorus prevents the oxidation of VPP (V4+) to V5+-species [6,40,52,67] 
which often have been detected under reacting conditions [39,40,59,60]. On the other hand, an 
irreversible loss of phosphorus was related to catalyst deactivation by formation of V2O5 [68]. 
Selectivity too was found to depend on the P/V ratio of the catalyst [7,18,39,40]. Important, 
more recent works on this topic are those of Cavani et al. [39,40], who found varying surface 
compositions with different activity-selectivity relationships as a function of P/V ratio and 
reaction conditions. It is worth noting that commercial VPO catalysts usually have a slight excess 
of phosphorus as compared to the stoichiometric amount (P/V 1) [3]. 
From a variety of in situ analyses of the working VPO surface it was additionally concluded that 
structure and composition of the active VPO surface vary as a function of reaction conditions 
[24,39,40,64–66,69]. A significant enrichment of phosphorus on the surface is an important 
observation [64–66]. Further, the influence of water, which is always present as a reaction 
product, on the surface dynamics is strongly related to these findings. On the one hand, water 
was found to reduce reaction rates and to affect the selectivity by adsorption on surface sites 
[28,41,45]. Furthermore, water was reported to facilitate re-oxidation of the catalyst [65,66,70] 
and to promote the formation of separated phosphate species on the surface [24,64], which is 
in turn related to the phosphorus enrichment [65,66]. The works of Cavani et al. [39,40] 
additionally suggest a direct influence of water on the appearance of different orthophosphates. 
Debating the role of water for the mobility of phosphorus in the catalyst, Cavani et al. [40] 
proved the ability of removing phosphorus from the catalyst by treatment with water. This 
finding thus is directly related to the conclusion of the patent literature that the addition of 
water is necessary for an adequate distribution of phosphorus in the catalyst bed [10,11]. 
However, beyond the information provided by patents, scientific literature could not be found 
on more precise investigations with respect to the addition of phosphorus to fixed bed reactors. 
In the area of micro-scale reactor studies [40,65], there are only a few studies which touch this 
subject. In addition, the operating conditions which were typically applied in laboratory reactors 
generally permit long-term operation without significant changes of the catalyst activity [43]. 
In this work, elaborated experiments in an industrial scale fixed bed pilot reactor are presented 
during which the influences of phosphorus and water on the transient reactor behavior were 
studied. To this end, an industry-like VPO catalyst was used. The experimental observations are 
discussed in the frame of the apparently contradictory debates in the scientific literature about 
the functionality of the VPO surface during n-butane oxidation. 
 






Dynamic experiments were carried out in a continuous flow fixed bed pilot reactor of industrial 
dimensions, which is schematically presented in Fig. 26. The reactor tube has an inner diameter 
of 21 mm and is welded into a stirred tank containing molten salt. The reactor loading consists 
of a preheating zone comprising inert rings, the catalyst bed, and finally another inert section. 
The preheating zone assured that the gas reached the temperature of the salt bath before 
entering the catalyst bed. A movable single-point thermocouple is centered in a 3 mm well along 
the tube axis (Fig. 27) and facilitates the measurement of axial temperature profiles. These 
measurements are automated in a manner, which allows the recording of complete 




















Fig. 26: Process flow diagram of the pilot reactor. 
 
 






Fig. 27: Sketch of the interior of the reactor tube. 
 
The feed section comprises four components for the delivering of air, n-butane, steam and 
trimethyl phosphate (TMP) which serves as phosphorus source. The flow rates of air and n-
butane are controlled by mass flow controllers (Brooks). The steam feed is generated at 120°C 
in an evaporator filled with silicon carbide particles. Demineralized water is supplied by a HPLC 
pump. The TMP saturator consists of a storage tank from where the TMP is pushed by nitrogen 
into a temperature-controlled, double-walled glass cylinder. The TMP partial pressure is 
adjusted by the temperature of the water heating jacket. Vapor pressure calculations are based 
on the Antoine equation with constants for trimethyl phosphate found in [71]. Due to the lack 
of appropriate analysis devices, the real TMP concentration could not be detected, either at the 
entrance or at the outlet of the reactor. If the TMP stock reaches its minimum filling level the 
nitrogen flow has to be interrupted during the refilling process which may take up to 5 min. All 
inlet and outlet lines are heated in order to avoid condensation of any compounds.  
A catalytic total combustion unit downstream the reactor oxidizes CO and any organics to CO2 
and water before venting to the atmosphere. Pressure transducers are installed at the inlet and 
outlet line of the reactor in order to determine the pressure drop across the reactor. The 
operation pressure is controlled by means of a pressure relief valve, which is situated in the 
outlet line. The complete process control including industrial safety standards is realized in a 
programmable control system (Siemens S7) ensuring non-stop operation. 
Analysis of gas composition at inlet and outlet is fully automated. The analysis unit comprises an 
infrared analyzer (Emerson NGA2000) for the measurement of n-butane, CO and CO2, and a 
standard gas chromatograph (Agilent 6820N) using a capillary column (Restek RTX 1701, 30 m) 
for the measurement of n-butane, MA as well as acrylic, and acetic acid. A proper control system 
permits either manual measurements or the programming of fully automated measurement 
cycles ensuring the possibility of acquiring concentration data in 24/7 mode.  





4.3 Dynamic experiments 
A series of experiments were carried out applying the two ring shaped catalyst samples C5 and 
C6 (section 2.3). The catalyst bed length was about 3.5 m in every case. In the following, four 
pilot tests are considered. PT1 and PT2 were performed with catalyst C5, and PT3 and PT4 with 
catalyst C6 respectively. Tab. 9 presents the applied experimental conditions, which are also 
typical for industrial practice. At these conditions, the particle Reynolds numbers were always 
higher than 500, and the Bodenstein numbers were around 2000 because of which channeling 
and dispersion effects can be excluded. Prior to catalyst performance trials, a blind test during 
which the reactor was filled with inert material only, did not show any conversion of reaction 
educts by the reactor device.  
 
Tab. 9: Experimental conditions 
Salt bath temperature (SBT) °C 380 – 410 
Relative inlet pressure bar 1.45 – 1.65 
Gas hourly space velocity (GHSV) h-1 2190 – 2610 
Butane fraction vol% 1.5 – 2 
Water fraction vol% 0 – 4 
TMP fraction ppmv 0 – 7 
 
 
A series of test runs was conducted to investigate the effect of TMP and water on the 
performance of the VPO catalyst. Each test run took several weeks. The experimental plan 
comprised the following stages: 
 
 Start-up (S/U) and equilibration phase during which only n-butane, water, and air were fed to 
the reactor until reaching steady state operation for different reference conditions 
 Variation of operating conditions without addition of TMP (during some test runs only) 
 Addition of TMP 
 Variation of operating conditions including TMP and water feed concentrations 
 
During these experiments, the initial S/U conditions were periodically reset for reference and to 
determine irreversible catalyst deterioration. Each operating condition was held for different 
time intervals during which temperature and concentration measurements were carried out 





periodically. The following section 4.4 presents excerpts of the extensive, performed 
experiments, which representatively resume the most important observations. 
 
 
4.4 Experimental results 
4.4.1 Start-up behavior and equilibration without TMP addition 
Operating conditions and performance data for the following examples are given in Tab. 10. 
During initial operation, hot spot temperature (HST) and n-butane conversion (X) declined with 
time, while the selectivity to MA increased. This is shown in Fig. 28 for test PT1. The main 
observed side products were CO and CO2, which showed formation rates decreasing with time 
on stream (TOS). Acrylic and acetic acid were detected too, but with selectivities never 
exceeding 1.5 vol% each. A pronounced temperature hot spot developed at the entrance of the 
catalyst bed (Fig. 29). After a time period of about 40 h, a first steady operational state appeared 
for which conversion and hot spot temperature were about 9 % and 15°C lower than directly 
after start-up. The selectivity to MA increased by about 6.5 % while the formation of CO and CO2 
decreased about 6.2 and 2.6 %, respectively. It is worth noting that the velocity of the initial 
deactivation was found to be function of operating conditions. During the initial operation of 
PT2 without TMP, the maximum catalyst temperature was constantly around 430°C as the SBT 
was kept at 395°C and the n-butane inlet concentration at only 1.5 vol%. The first operational 
steady state was not reached before after 120 h. In contrast, during PT1 and PT3, SBT and n-
butane concentration were 400°C and 1.7 vol% respectively. 
 
Tab. 10: Operating conditions (C4H10, H2O, TMP: Inlet concentrations of n-butane, water and 
TMP) and performance data (X: n-butane conversion, S(MA): Selectivity to MA) for presented 




Test TOS GHSV SBT C4H10 H2O TMP X S(MA) 
 
 h h-1 °C vol% vol% ppmv % % 
1-1 PT3 1 2180 400 1.7 2 0 93.3 63.9 
1-2 PT3 69 2180 400 1.7 2 0 84.7 70.4 
2-1 PT1 25 2610 400 1.8 2 0 79.3 72.1 
2-2 PT1 120 2610 400 1.8 2 0 72.6 74.0 
2-3 PT1 191 2610 400 1.8 2 0 73.0 73.5 
 






Fig. 28: Conversion (X), selectivity to MA, CO and CO2 (S(MA), S(CO), S(CO2)) and hot spot 




Fig. 29: Temperature profiles for different times on stream during the S/U equilibration of PT3 
according to operating points 1-1 to 1-2 in Tab. 10. 
 
The stability of the first steady operational state too was found to be a function of time and 
operating conditions. When the reactor was operated for long time periods without TMP 
addition, the hot spot temperature started to rise again, as illustrated in Fig. 30 for PT1, while 
form and position of the temperature hot spot remained unchanged. At the same time, a very 
slight gain in conversion and loss in selectivity was observed. Accordingly, the respective 
temperature profiles reveal that it was only the hot spot temperature which increased again, 
but not the area below the temperature profile (Fig. 31) which is indicative of n-butane 
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observed to increase with rising hot spot temperature. When the maximum temperature was 
kept below 430°C, a catalyst reactivation after the initial deactivation period could not be 
detected during almost 300 h of operation without TMP. On the other hand, when the maximum 
temperature was in the range of 440°C and it started to increase again after only 60 to 100 h 




Fig. 30: Conversion (X), selectivity to MA, CO and CO2 (S(MA), S(CO), S(CO2)) and hot spot 
temperature (HST) during the initial operation without TMP according to operating points 2-1 
to 2-3 in Tab. 10. 
 
 
Fig. 31: Temperature profiles at the beginning of PT1 (blue), during the first steady state (black) 
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4.4.2 Influence of trimethyl phosphate 
Operating conditions and performance data for the following examples are given in Tab. 11. Fig. 
32 shows the progression of the temperature profiles when continuously adding about 5 ppm 
TMP to the reactor feed under equilibrating conditions after 191 h TOS. The hot spot started to 
decline slowly, becoming flatter and broader with TOS. 24 h after starting TMP addition, the 
temperature maximum was reduced by about 27°C, the conversion declined about 10.7 %, while 
the selectivity increased by about 3.3 %. Although around 20 h after starting the TMP addition, 
a new steady state was approached, a very slowly proceeding temperature reduction was still 
observed even after 60 h. The magnitude of these changes was found to depend strongly on the 
TMP amount. Less TMP in the feed caused lower absolute temperature reductions, as illustrated 
for PT3 in Fig. 33, for which only about 1.5 ppm TMP were added at 75 h TOS. During the 
following 25 h, the hot spot temperature dropped only by about 10°C and thereafter remained 
almost constant even 66 h after starting P addition. Respectively, the changes in conversion 
(-2.9 %) and selectivity (+1.1 %) were minor too. Despite the differences, both pilot tests show 
that the added phosphorus reduces significantly the activity of the catalyst in the inlet section, 
where initially the hot spot was situated.  
 
Tab. 11: Operating conditions (C4H10, H2O, TMP: Inlet concentrations of n-Butane, water and 
TMP) and performance data (X: n-Butane conversion, S(MA): Selectivity to MA) for presented 




Test TOS GHSV SBT C4H10 H2O TMP X S(MA) 
 
 h h-1 °C vol% vol% ppmv % % 
2-3 PT1 191 2610 400 1.8 2 0 73.0 73.5 
2-4 PT1 215 2610 400 1.8 2 5 62.3 76.8 
2-5 PT1 317 2610 400 1.8 2 5 60.3 76.9 
2-6 PT1 359 2610 400 1.8 2 0 72.8 73.2 
3-1 PT3 75 2180 400 1.7 2 0 84.7 70.4 
3-2 PT3 140 2180 400 1.7 2 1.5 81.8 71.5 
 
 






Fig. 32: Progression of the temperature profile after adding ca. 5 ppm TMP at 191 h TOS 
according to operating points 2-3 to 2-4 in Tab. 11. 
 
 
Fig. 33: Progression of the temperature profiles of PT3 after adding ca. 1.5 ppm TMP after 75 h 
TOS according to operating points 3-1 to 3-2 in Tab. 11. 
  
Another important aspect regarding the dynamics of this deactivation is illustrated in Fig. 34, 
which presents the progression of the hot spot temperatures after adding TMP in PT1 and PT3. 
In case of PT1, the initial gradient of the temperature drop is lower and shows an inflection point 
before steady state is reached, while, in PT3, the gradient is highest at the beginning of the TMP 
addition. This, remembering the situation before TMP addition, may be explained by the fact 
that this is the equilibration phase as presented in section 4.4.2. As indicated in Fig. 28 and Fig. 
30, the hot spot temperature in PT1 finally increased again while this was not the case in PT3. 
Hence, the slower kinetics of the hot spot reduction is the result of an activating and a 
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Fig. 34: Progression of the hot spot temperatures of PT1 and PT3 subsequent to TMP addition 




Fig. 35: Progression of the temperature profiles after stopping the TMP feed at 317 h TOS under 
equilibration conditions according to operating points 2-3, 2-5 and 2-6 in Tab. 11.  
 
The reversibility of this effect is exemplarily demonstrated for PT1 in Fig. 35. In this experiment, 
the TMP feed of about 5 ppm was completely stopped after 317 h TOS, while the remaining 
conditions were the same as during equilibration. The temperature of the hot spot started to 





















Time on stream (h)



















T( 317 h) T( 319 h)
T( 324 h) T( 340 h)
T( 359 h) T( 191 h)





conversion too approached their original values. About 42 h after stopping TMP addition, the 
temperature profile measured at the end of equilibration was almost reproduced, and all 
previously introduced phosphorus seemed to be removed again from the catalyst surface. The 
hot spot temperature finally was even 1 K higher indicating that the local activation within the 
hot spot zone continued, which was observed too after long-term equilibration without TMP.  
 
 
4.4.3 Influence of water 
Operating conditions and performance data for the following examples are given in Tab. 12. An 
important claim in the patent literature relates to the additional need of water in the reactor 
feed for the purpose of an optimal distribution of the phosphorus over the catalyst bed [10,12]. 
The addition of water alone was reported to intrinsically inhibit the reaction, but also to have 
multiple effects on the catalytic selectivity [28,41,45]. In order to investigate these aspects, the 
concentrations of TMP and water were independently varied and the dynamic response of the 
catalyst was observed during several hours until days. 
When the water concentration was raised during the first operational steady state phase 
without addition of TMP, the hot spot temperatures were found to instantaneously decrease 
and to subsequently remain constant even 10 h after the step change. This effect was 
completely reversible (Fig. 36).  
On the other hand, the situation changed when TMP was simultaneously fed, as exemplarily 
demonstrated by the following experiment. The temperature profile in Fig. 37 indicated by a 
blue line (T(198 h)) presents a stable operating state at which the catalyst had been exposed to 
TMP for several hours. The simultaneous constant feed of 3 vol% water was then stopped after 
198 h operating hours. Because the reaction was less inhibited after stopping the water feed, 
the temperature first increased, which was visible during about one hour after the step change. 
But then the hot spot started to decline and to move towards the center of the catalyst bed. The 
temperature profile indicated by a dashed blue line, named T(314 h), illustrates this case. The 
temperature profile became very flat and the hot spot originally seen completely disappeared. 
According to the changing temperature profiles, the conversion first increased about 4 % and 
then decreased about more than 10 %. The selectivity changed inversely proportional about 2 % 









Tab. 12: Operating conditions (C4H10, H2O, TMP: Inlet concentrations of n-Butane, water and 
TMP) and performance data (X: n-Butane conversion, S(MA): Selectivity to MA) for presented 




Test TOS GHSV SBT C4H10 H2O TMP X S(MA) 
 
 h h-1 °C vol% vol% ppmv % % 
4-1 PT4 96 2470 400 1.7 2 0 82.8 68.8 
4-2 PT4 98 2470 400 1.7 4 0 79.6 70.4 
4-3 PT4 116 2470 400 1.7 4 0 79.1 70.8 
5-1 PT3 198 2190 400 1.7 3 3 80.4 72.5 
5-2 PT3 199 2190 400 1.7 0 3 84.5 70.8 
5-3 PT3 314 2190 400 1.7 0 5 66.2 75.9 
6-1 PT1 624 2610 410 1.8 2 5 66.9 74.6 
6-2 PT1 625 2610 410 1.8 4 5 63.8 75.8 





Fig. 36: Conversion, selectivity and hot spot temperature after increasing water feed according 























































Fig. 37: Progression of the temperature profiles after interrupting the water feed from the initial 
3 vol% at constant TMP concentration at 198 h TOS according to operating points 3-1 to 3-3 in 
Tab. 12. 
 
Again, it was found that these changes were fully reversible. Fig. 38 shows an experiment during 
which the catalyst was first damped by continuously adding TMP but no water (T(624 h)). When 
the water feed was started, the initially flat temperature profile first decreases slightly, but then 




Fig. 38: Progression of the temperature profiles after increasing water feed at constant TMP 
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The elaborated pilot reactor experiments illustrate some important aspects concerning the 
dynamic behavior of VPO catalysts in industrial scale fixed bed reactors for the production of 
maleic anhydride. Each experiment took several hundred hours during which the feed 
concentrations of water and TMP as phosphorus supply were varied under different operating 
conditions. The progressions of the hot spot temperatures after these variations during the 
entire experiment PT3 is exemplarily shown in Fig. 39. In general, the assertions of the patent 
literature could be confirmed. Additionally, versatile interactions between water, TMP and the 
catalyst surface could be investigated separately. The importance for the industrial process is 
evidenced regarding the broad range of MA-yields, which were observed in the presented 
experiments (Fig. 40). Although n-butane concentration, inlet pressure, space velocity, and salt 
bath temperature were always kept at typical industrial values, Fig. 40 demonstrates that only 
slight variations of the concentrations of water and TMP in the feed may shift the MA yield 
significantly from its optimum. 
The observations, which were made during the experiments, may be summarized as follows:  
 
a) Initial start-up and equilibration: n-Butane conversion and hot spot temperature decline, 
while MA selectivity increases during the initial catalyst conditioning. Subsequently, 
catalyst reactivation appears in the bed region of higher temperatures and the hot spot 
temperature increases again. With time on stream, the catalyst activity hence passes 
through a wide minimum. The observed time periods of the formation and stability of this 
first steady state of lower catalyst activity became shorter with increasing bed 
temperatures. 
b) Phosphorus promoter effect: The addition of TMP has a damping effect on a time scale of 
hours during which the conversion declines and MA selectivity increases. Simultaneously, 
the hot spot decreases and moves towards the center of the catalyst bed, becoming 
broader with time. The phosphorus induced changes in catalyst performance are noticeable 
even several days after switching operating conditions. 
c) Steam moderator effect: The addition of water exerts very important impacts on the 
catalyst performance. Its intrinsic inhibition effect is seen on the time scale of minutes. 
Hence, higher water feed concentrations reduce the reaction rates, and thus hot spot 
temperature and conversion drop whereas the MA selectivity rises. However, when TMP is 
fed simultaneously with water, a rise of the water feed provokes an increase of the activity 
in the inlet part of the catalyst bed. This effect occurs on a time scale corresponding to that 
of the pure TMP impact and confirms the observations in the patent literature that water 
is able to distribute the phosphorous along the catalyst bed [12]. All effects related to the 
addition of TMP and water are reversible and the temperature profiles always present the 
highest sensitivity to the phosphorus dynamics. 
 










Fig. 40: Yield-conversion plot including all concentration measurements of all pilot tests. 
 
In the literature, the changing catalytic performance of a freshly activated catalyst during the 
initial operation is mostly referred to as “conditioning” or “equilibration” [6–8,51]. A number of 
studies on this subject are reviewed in [6–8]. Coupled to the activation of the hemihydrate 
precursor, the conditioning stage is considered to be critical for the final performance of the 
catalyst. It is reported that the hemihydrate is transformed into V4+ and small amounts of V5+ 
phases during the activation step, while during the conditioning stage V5+ phases are reduced to 
V4+, obtaining highly crystallized VPP with high BET surface areas [6–8,51,72]. Thereby, 
temperature and water, both, may essentially affect the structure and composition of the active 
catalyst surface [7,24,39–41,70]. However, these two coupled processes, i.e. activation and 
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different reported efforts on this topic [8]. The activation of the hemihydrate may be performed 
ex-situ or in-situ. Ex-situ activation implies a treatment in a non-reacting atmosphere, which is 
carried out prior to the conditioning in an n-butane containing atmosphere. On the other hand, 
in-situ activation combines both steps simultaneously. Hence, a lack of a common and 
systematic methodology is probably the major reason for discrepancies in the literature [8]. 
These differences relate to the conditioning time for which several hours up to 1000 h were 
reported, to the role of V5+-phases, the crystallinity of VPP, as well as the generation of surface 
defects [6,8,51]. There are also contradicting views about the role of water. Patience et al. [73] 
found a deleterious effect, as the addition of water produced highly oxidized catalysts with low 
MA yields. In contrast, different authors reported higher MA selectivities and higher BET surface 
areas in the presence of water [7]. 
Recently, the initial loss of activity has been investigated by Wilkinson et al. [8] who observed 
the performance development of an ex-situ activated catalyst during the first 100 h of operation 
in a micro-reactor. As during the experiments described in the present paper, the authors 
observed a sharp decline in catalyst activity, during which the overall MA selectivity increased. 
In contrast, the deactivation rate of this initial process appeared to be independent of reactor 
temperature and took only a few hours. The reasons for this discrepancy may lie in the different 
reaction conditions applied by Wilkinson et al. [8], where the maximum temperature was below 
410°C and water was not fed. Moreover, the catalyst synthesis and activation procedure applied 
in [8], which was found to have a significant effect on the catalyst performance [73], may differ 
in detail from that of the catalyst applied in the present work. Wilkinson et al. [8] additionally 
reported temporal variations of the COx formation rates along the catalyst bed during the initial 
operation. In the present work, such variations were not observed. 
The activity and selectivity, initially changing during S/U until the first steady state was reached, 
were not in the focus of this study. An extraction and analysis of the catalyst after the 
equilibration period was not carried out. Hence, no conclusion about the underlying deactivating 
mechanism can be provided. 
The presented experiments show how the hot spot temperatures start to rise again after the 
catalyst had reached the first steady state. Similar observations were reported by Buchanan and 
Sundaresan [32]. During studies of kinetics and redox properties of two VPO catalysts with P/V 
1.0 and P/V 1.1 an irreversible loss of selectivity was observed during prolonged runs at 450°C 
with the P/V 1.0 sample. This is also in accordance with the presented experiments, during which 
the reactivation appeared much faster at temperatures above 440°C. Furthermore, it should be 
recalled that during the kinetic experiments in the bench scale reactor a reactivation was 
observed after prolonged runs at temperatures above 440°C.  
In the patent literature [9,11], this observation is mostly described as a deactivation process or 
as a loss in selectivity and yield, although it basically refers to the same behavior. It is generally 
assumed that a loss of phosphorus is the cause of this behavior [3,12,32]. The analysis of some 
of the above mentioned samples that showed a reactivation after the prolonged runs at high 
temperatures in the laboratory reactor did indeed show reduced P/V ratios. The fact that 





phosphorus can be released from the VPO surface to the gas phase has been proved in 
[40,65,68]. Cavani et al. [40] showed how n-butane conversion increased and MA selectivity 
declined after in situ removing phosphorus from the catalyst by treatment with water and 
ethanol. However, this was only observed at low temperature (380°C), while interestingly the 
phosphorus removal at high temperature (440°C) had no effect on the catalytic performance. 
The authors related this effect to the formation of different active surfaces as a function of 
reaction conditions. Accordingly, the composition of the active surface, which forms at high 
temperatures, is not affected by the phosphorus content. 
The presented experiments in our study in contrast showed a significant acceleration of the 
changes in activity during long-term operations without phosphorus addition at high 
temperatures. Unfortunately, in situ characterization tools are not available at the pilot reactor 
being necessary to prove this loss of phosphorus leading to the shift in performance. Referring 
again to the works of Cavani et al. [39,40] according to which the active catalyst surface should 
be different along the catalyst bed as a function of temperature and fluid composition, also 
different reversible and irreversible activation and deactivation mechanisms may be responsible 
for the observed behavior. 
Different relations between selectivity and the phosphorus content of the catalyst have also 
been deduced from DFT modeling of the active VPO surface [22,74]. Thompson et al. [74] 
suggested that vanadium is responsible for adsorption and activation of n-butane, while surface 
P-O oxygens may aid in electrostatic docking of n-butane at the surface and provide a source of 
selective oxygen species for the further transformation of activated n-butane to MA. Because of 
their nucleophilic character, the P-O oxygens are supposed to be more active in C-H than in C-C 
cleavage. Cheng and Goddard [22] concluded from their calculations that the O(1)=P of the 
metastable X1-VOPO4 phase is able to carry out the n-butane activation so as its complete 
conversion to MA. Hence, a loss of phosphorus would mean reduced contents of selective P-O 
oxygens at the surface. 
Independent of the previous discussion, the consequences for industrial operation become 
clearer with the examples described in the patents. For instance, Edwards et al. [11] reported 
that the coolant temperature decreased with operating time together with a reduced MA yield. 
In the light of the current study, this observation can be explained by the rising hot spot 
temperature during a long-term operation without phosphorus addition with simultaneous 
increasing conversion and decreasing selectivity. Depending on catalyst and operating 
conditions, the yield may hence proceed through a maximum, to later decrease again. 
Moreover, a declining MA selectivity with rising hot spot temperature implies a higher formation 
rate of carbon oxides, which in turn releases more heat, increasing the risk of reactor runaway. 
As specified in [11], the industrial reactor operator would thus have to reduce the coolant 
temperature, resulting in reduced MA yields. The addition of phosphorus on the other hand, 
permits reactor operation at higher coolant temperatures without any significant negative 
impact on selectivity. 





An important result of the presented experiments however, is the necessity of an adequate 
phosphorus dosage, as already the addition of very small amounts of phosphorus significantly 
reduces the catalyst activity. The influence of the phosphorus content on the catalytic 
performance has been subject of investigations during several decades as resumed in [6,7,18]. 
It is generally agreed that well performing VPO catalysts exhibit a slightly higher P/V ratio than 
the stoichiometric ratio of one for VPP. On the other hand, excess phosphorus is assumed to 
prevent the bulk oxidation of VPP [6,7,52,53]. As various authors have related different V5+ 
species to the active catalyst surface [39,40,59,60], this may well explain the observations of the 
presented experiments. The addition of TMP to the reactor feed leads to higher phosphorus 
concentrations on the catalyst surface, which thus diminishes catalyst activity. The observed 
reversibility of this effect suggests that the introduced excess phosphorus is located on the 
surface, where its concentration is determined by the adsorption equilibrium with the gas phase. 
Although diffusion of phosphorus into the catalyst bulk and related effects on the intrinsic 
activity are expected to be present [39,68], such processes might occur on a much slower time 
scale and were thus not significant during the presented experiments of this work. 
On the other hand, various authors who carried out in situ analyses of working VPO catalysts 
observed an enrichment of phosphorus in the surface region under reacting conditions, 
although without any external addition of phosphorus [24,40,41,65,70]. An important subject of 
the debate in this context is the theory that a highly dynamic surface forms on the 
pyrophosphate phase under reaction conditions, which is composed of various VPO phases 
[39,40,64] as a function of operating conditions. 
Supporting the observations of the presented experiments, water, which is always present as a 
reaction product, is supposed to play a central role in the surface dynamics [39–41,64,65]. This 
may explain the variety of observed water induced effects on catalyst performance reported in 
the literature [24,28,45,70], so as the large number of different reported active sites/phases and 
their function in the conversion of n-butane towards selective and unselective reaction products 
[6,7,18]. An attempt to resume the complex situation is presented in Fig. 41 and described in 
the following section. 
Crystalline vanadium pyrophosphate, which is always observed in active and selective catalysts, 
is considered to be the core of the active phase [6,18,40] and can be oxidized into a variety of 
orthophosphates, which partially may interconvert. So far, the structures of αI-, αII-, β-, γ-, δ-, ε-, 
ω-VOPO4 and the X1-phase have been described in the literature [61,75–78]. Relations to the 
catalyst performance were reported for α-, β-, δ- and X1-VOPO4 (⑥, ⑦, ⑤, ④ in Fig. 41) 
[22,39,40,59,61,67]. Frey et al. [59] suggest the adsorption of n-butane on δ-VOPO4-like surface 
species (⑤ in Fig. 41), while Cheng and Goddard [22] showed by means of DFT modeling that 
the O(1)=P of the metastable X1-VOPO4 phase (④ in Fig. 41) is able to activate the n-butane 
molecule, initializing the VPO chemistry. α-VOPO4 was also supposed to contribute to the active 
surface [60], and it was reported to be very active but unselective [39,40]. Low catalyst 
performance was reported for β-VOPO4 [61,67,78]. Nevertheless, α-, β-, δ- and X1-VOPO4 were 
all observed on the catalyst surface under working conditions and might therefore contribute to 





the formation of the different active surface sites. On the other hand, excess phosphorus 
prevents the oxidation of VPP to these V5+-species [6,40,52,67]. 
 
 
Fig. 41: Proposed scheme of the VPO chemistry derived according to the literature ([P]↑ and 
[P]↓ mean higher and lower phosphorus concentrations). 
 
Although Cheng and Goddard [22] demonstrated low activation barriers for the complete 
olefinic route mechanism, this model may be questionable, as under standard reaction 
conditions, no gas phase intermediates were reported in the literature. It is therefore more likely 
that once the n-butane molecule is activated, the complete conversion to the final products 
occurs on the surface through strongly adsorbed intermediates. The nature of active oxygen is 
supposed to be lattice oxygen [22,48,79] which has to be provided locally to these 
intermediates. Its local concentration is thus function of the hydrocarbon conversion, the 
introduction of gas phase oxygen and the diffusion of oxygen between surface and bulk of the 
catalyst. Hence, the introduction of three oxygen atoms during the selective conversion of n-
butane to MA requires a certain flexibility of lattice oxygen in the catalyst. According to Willinger 
et al. [78] and the model of Guliants et al. [22], the diffusion of oxygen between catalyst bulk 
and surface is facilitated in layered structures as contrasted to more stable, three-dimensional 
configurations. Also Bluhm et al. [64] emphasize the importance of a two-dimensional surface 
with increased flexibility of the reaction centers in their electronic structure. This hypothesis is 





further supported by the findings of Guliants et al. [80] that better performances are achieved 
with VPP with well-ordered stacking of the (200) planes. Additionally, Okuhara and Misono [81] 
reported higher selectivity for plate-like VPP particles. 
With respect to the different orthophosphates, such layered structures were reported for the 
X1-phase [22,61], and also for α-VOPO4. The most stable orthophosphate is β-VOPO4 (⑦ in Fig. 
41) which has a three-dimensional structure [75] and shows low catalytic performance 
[61,67,78]. According to Willinger et al. [78], the conversion of α- to β-VOPO4 is irreversible and 
its lower activity may be related to its higher stability. δ-VOPO4 was related to a moderately 
active, but very selective catalyst [39,40]. Koyano et al. [61] supposed similar structures of X1- 
and δ-VOPO4, but Girgsdies et al. [77] found by means of powder X-ray diffraction that the latter 
has a different, more three-dimensional structure. However, its strongly elongated V-O 
distances are supposed to facilitate its hydration to VOPO4∙2 H2O, which itself has a structure 
similar to the layered α-VOPO4 phase. This is in accordance with the concept of Bluhm et al. [64], 
in which water drives the system into a two-dimensional state.  
Hence, such hydrolyzing step is also included in the proposed scheme of this work (⑧ in Fig. 
41), leading to a highly dynamic surface. On this surface, all reported species, which were 
suggested to be active in the reaction mechanism, may be present in a two-dimensional surface 
state on top of crystalline VPP. While only one of these species might activate the n-butane 
molecule, the introduction of oxygen may be catalyzed by different species, which would lead 
to selectivity variations depending on the relative surface abundances of these species. The 
dynamic character of the surface is induced by water, which is always present under reaction 
conditions, and ensures the high dynamics of oxygen between surface species and catalyst bulk. 
According to the higher mobility of oxygen, a layered surface structure might also facilitate the 
diffusion of phosphorus between bulk and surface, and finally the enrichment of the surface 
with phosphorus, as it was observed by Richter et al. [65] and Bluhm et al. [64]. Separated 
phosphate groups, which form after hydration, as postulated by [24,64,65], may affect the 
stability of the various phases present and thus, the composition of the surface. This scheme 
does also explain the relation between phosphorus content, activity and selectivity, according 
to the works of Cavani et al. [39,40], and finally, the enormous impact of the addition of only 
small amounts of TMP to the industrial reactor. On the other hand, too high phosphorus 
contents prevent the oxidation of the VPP bulk (④, ⑤, ⑥, ⑦ in Fig. 41) [6,40,52,60] and 
inhibit the formation of the active surface. If additionally water is not added to the system, the 
excess phosphorus cannot diffuse easily into the bulk of the catalyst. Under such conditions even 
vanadyl metaphosphate, VO(PO3)2 may be formed (③ in Fig. 41) on the surface, which was 
reported to have low activity [80] and low selectivity [82]. However, performance losses after 
extensive phosphorus addition, as observed by Cavani et al. [40], could also be related to the 
formation of polyphosphoric acids. Such were found by Castellino et al. [83] who exposed 
vanadium based SCR catalysts to flue gases containing phosphoric acid. 
The phosphorus loss of the catalyst was often related to the formation of inactive V2O5 
[24,64,68]. Xue and Schrader [24] even observed the direct reaction of orthophosphates to V2O5 





(⑨ in Fig. 41; not necessarily β-VOPO4). On the other hand, V2O5 and phosphates can react back 
to VOPO4 phases [52,64], and the presence of reducing conditions may even facilitate the 
formation of the hemihydrate precursor (① in Fig. 41) and its dehydration to fresh VPP (② in 
Fig. 41) according to the synthesis of the industrial catalyst [6]. 
The proposed scheme may be a reasonable attempt to combine the contradictory literature on 
the nature of the active sites on VPO catalysts. The important role of water is emphasized as it 
induces the dynamic two-dimensional state of the catalyst surface, which facilitates the diffusion 
of oxygen and phosphorus between bulk and surface. In this scheme, the VPP bulk acts only as 
a precursor for active species and support on which various phases form during operation and 
which may have different functions in the reaction mechanism. 
In the light of the experimental observations in this study, the diverse water effects may be 
resumed as follows. On a short term the adsorption of water on the catalyst surface inhibits the 
intrinsic reaction by site blocking effects in accordance with literature reports [41,45]. On the 
long term, the presence of water assures the working ability of the VPO surface by inducing the 
dynamic two-dimensional state. The interactions of steam with phosphorus seem to be various. 
A competitive adsorption of water and phosphorus, as well as the effect that the water induced 
surface dynamics may facilitate the phosphorus absorbing capacity of the catalyst, are both 
reasonable attempts to explain the experimental observations of this work. In this way, the 
addition of water to a catalyst, which is already saturated by phosphorus, reduces its surface 
concentration while the catalytic activity increases again. This corresponds to the statements in 
the patent literature in which water is assumed to play an important role for an adequate 
distribution of the phosphorus in the catalyst bed [10,11]. 
It is worth noting that the concept of a dynamic active catalyst surface, which forms only under 
reaction conditions, is not new in the literature. Mestl et al. [84] discovered similar 
transformations during the catalytic function of heteropoly acid catalysts for partial oxidations. 
These authors found that the Keggin anion structure of H4PVMo11O40 disintegrates under 
reaction conditions, forming a variety of surface phases, among others also molybdenyl and 
vanadyl orthophosphates. Schlögl [46] constituted different requirements of the active sites for 
the dehydrogenation of propane and the selective oxidation to acrylic acid which occur both on 
the M1-phase MoVNbTeOx in a consecutive reaction network. The similarity of the chemistry to 
the VPO case is given as the first step in n-butane oxidation too is supposed to be the abstraction 
of hydrogen [6,18]. The author also suggests a strictly two-dimensional nature of the VxOy 
species on the M1 surface, which are active in the selective oxidation path.  
The discussion about the composition of the VPP surface under reaction conditions and its 
influence on selectivity leads to another important subject, which is the number, and nature of 
active sites being involved in the n-butane conversion and their functions in the different 
reaction paths. While Bluhm et al. [64] did not study this aspect, there is a considerable number 
of works [6,7,28,39–41] which suggest that more than only one active site are present on the 
catalyst surface, and that they show different activities for the different reaction paths. This was 
previously discussed in section 2. Based on the present study, it is rather difficult to confirm or 





rule out the presence of various active sites. The experimental observations are strongly 
influenced by the polytropic character of the applied industrial-scale pilot reactor, so as by 
diffusion effects in the catalyst particles.  
 





5 Dynamic reactor modeling 
A kinetic model was derived which describes the steady state reaction kinetics of the conversion 
of n-butane over equilibrated VPO catalysts (section 3). Despite the appearance of several non-
ideal aspects related to the bench scale experiments, a kinetic model was obtained which 
satisfactorily describes the applied full body catalyst shapes. During the short term bench scale 
experiments no phosphorus was fed to the reactor and only minor changes in the catalyst 
activity were detected. However, the experiments which were carried out in the pilot reactor 
(section 1) revealed that the addition of only trace amounts of phosphorus to the reactor feed 
induces significant changes in catalyst performance as a function of time and operating 
conditions. In order to be able to describe an industrial fixed bed reactor, for which the 
commercial operation implies the addition of phosphorus to the reactor, it is necessary to 
include the phosphorus dynamics in the final reactor model. Hence, the next steps are: 
 
 Development of a mathematical model for the pilot reactor 
 Development of a mathematical model which describes the phosphorus dynamics 
 Integration of the dynamic phosphorus model into the reactor model 
 Parameter estimation through simulation of the previously performed pilot reactor 
experiments 
 
The pilot reactor experiments further revealed that the phosphorus induced activity dynamics 
occur on a time scale of hours to days while on the other hand, the conversion of educts on the 
active sites of course occurs much faster. The different time scales of these processes offer the 
opportunity of strictly separating their mathematical descriptions. This means that only the time 
derivative of the rate determining modification of the active surface must be considered, while 
all other processes may be assumed to reach steady state. Thus, the final expressions for the 
reaction rates take the following form: 
 
𝑟𝑖,𝑗(𝑡) =  𝑟𝑖,𝑗
0 ∙ 𝑎𝑘(𝑡)  i = n-Bu, MA; j = MA, COx;   k = 1…n   (5-1) 
 
In this equation 𝑎𝑘(𝑡) is an activity factor which describes the changing catalyst activity induced 
by the phosphorus dynamics and 𝑟𝑖,𝑗
0  is the intrinsic steady state reaction rate for reaction of i to 
j at a reference activity 𝑎𝑘
0. The index k accounts for the possible existence of various active sites. 
In the course of the present work, this reference steady state activity is thus, simply correlated 
to the constant activity which the catalyst exhibited during the kinetic experiments in the bench 
reactor. The advantage of this strategy is that the previously determined intrinsic kinetic 





parameters can be fixed and only those parameters, which determine the dynamic changes of 
activity, must be determined by simulation of the pilot reactor experiments. 
 
 
5.1 Reactor model 
As discussed in section 2.5.3, the mass transport within the industrial catalyst bodies, has a 
significant influence on the apparent reaction rates. Therefore, a heterogeneous reactor model 
was applied for the simulation of the bench reactor which permits a separate description of solid 
and fluid phase and which accounts for intra-particle diffusion. As the experiments in the pilot 
reactor were carried out with the catalyst shapes C5 and C6, which were also used for the kinetic 
experiments, the model for the pilot reactor is heterogeneous, too. 
In contrast to the smaller bench reactor, the catalyst charges in the pilot reactor are not diluted 
and significant hot spots of up to 60 K were detected during the experiments. The fact that this 
temperature gradient is present along a radius of only about 15 mm (tube plus wall) underlines 
the significance of the radial heat transport. The resulting radial temperature profiles in the 
catalyst bed will cause pronounced differences in the reaction rates along the tube axis. In order 
to take into account such heat effects, the model for the pilot reactor has to be two-dimensional. 
This means that the material and energy balances are defined on a ring shaped volume element 
of the reactor tube and the integration succeeds in axial and radial directions. 
The final balance equations for ring shaped catalyst pellets are shown below. For the radial heat 
transport, the αw-model according to Nilles [56] was applied with some modifications as 
discussed below. Because the Bodenstein numbers were around 1500 during the experiments, 
the influence of axial dispersion was neglected [16]. 
 
 Overall mass balance gas phase: 
𝜕
𝜕𝑧





(𝑟 ∙ 𝜌𝑓𝑙 ∙ 𝑢𝑟) = 0      (5-2) 
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) − 𝑎𝑃 ∙ ?̇?𝑖
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     (5-4) 





Radial material flux: 
?̇?𝑖,𝑟






+ 𝑢𝑟 ∙ 𝑐𝑓𝑙
𝑓 ∙ 𝑥𝑖
𝑓
      (5-5) 
 
Material transfer fluid-solid: 
?̇?𝑖
𝑠𝑓 = 𝛽𝑖 ∙ 𝑐𝑓𝑙
𝑓 ∙ [𝑓𝑜𝑠𝑓 ∙ (𝑥𝑖
𝑜𝑠𝑓 − 𝑥𝑖
𝑓
) + (1 − 𝑓𝑜𝑠𝑓) ∙ (𝑥𝑖
𝑖𝑠𝑓 − 𝑥𝑖
𝑓
)]   (5-6) 
 












𝑠) + ∑ 𝜈𝑖,𝑗 ∙ 𝑟𝑗
0 ∙ 𝑎𝑘(𝑡)𝑗 ∙ 𝜌𝑃    (5-7) 
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 Material balance solid surface (boundary conditions solid): 


















)   (5-9) 
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) − 𝑎𝑃 ∙ (?̇?
𝑠𝑓 + ?̇?𝑠𝑓)   (5-11) 
 





         (5-12) 
 
 





Heat flux fluid-solid: 
?̇?𝑠𝑓 = 𝛼𝑃 ∙ (𝑇
𝑠𝑓 − 𝑇𝑓)        (5-13) 
𝑇𝑠𝑓 = 𝑇𝑜𝑠𝑓 = 𝑇𝑖𝑠𝑓        (5-14) 
 
 Energy balance catalyst pellet: 









𝑠 + ?̇?𝑠)] + ∑ ∑ 𝜈𝑖,𝑗 ∙ 𝑟𝑗
0 ∙ 𝑎𝑘(𝑡)𝑗 ∙ 𝜌𝑃 ∙ ∆𝐹𝐻𝑖
∗
𝑖  (5-15) 
 
Heat flux in the solid phase: 
?̇?𝑠 = −𝜆𝑠 ∙
𝜕𝑇𝑠
𝜕𝑟𝑝
         (5-16) 
 
 Energy balance solid surface (boundary conditions solid): 
𝑎𝑃 ∙ ?̇?
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         (5-18) 
 
 Energy balance reactor wall: 













     (5-19) 
 
Heat fluxes in axial and radial direction: 
?̇?𝑗
𝑤 = −𝜆𝑤 ∙
𝜕𝑇𝑤
𝜕𝑗
   for 𝑗 = 𝑧, 𝑟     (5-20) 
 
 Boundary conditions reactor tube: 









𝑓 (𝑟)|𝑧=0 = 𝑢𝑟(𝑟)|𝑧=0 = 0       (5-22) 
 





Reactor center (𝑟 = 𝑅𝑖): 
?̇?𝑖,𝑟














|𝑟=𝑅𝑖 = 0   (5-24) 
 
Inner reactor wall (𝑟 = 𝑟𝑤 = 𝑅) 
?̇?𝑖,𝑟
𝑓 (𝑧)|𝑟=𝑅 = 𝑢𝑟(𝑧)|𝑟=𝑅 = 0       (5-25) 
?̇?𝑟
𝑓(𝑧)|𝑟=𝑅 = ?̇?𝑟
𝑤|𝑟𝑤=𝑅 = 𝛼𝑊 ∙ (𝑇
𝑓(𝑧)|𝑟=𝑅 − 𝑇
𝑤(𝑧)|𝑟𝑤=𝑅)   (5-26) 
 
Outer reactor wall (𝑟𝑤 = 𝑅𝑤) 
?̇?𝑟
𝑤|𝑟𝑤=𝑅𝑤 = 𝛼
𝑆𝐵 ∙ (𝑇𝑤(𝑧)|𝑟𝑤=𝑅𝑤 − 𝑇
𝑆𝐵)      (5-27) 
 
Diffusion coefficients, as well as fluid-solid heat, and mass transfer coefficients were calculated 
according to the same correlations, which were applied in the bench reactor model (section 3.1). 
The most widely applied correlation for the pressure drop is that derived by Ergun [85], whereas 
the constants in equation (5-3) are 𝐶𝑙𝑎𝑚 = 150 and 𝐶𝑡𝑢𝑟𝑏 = 1.75 (see also equation (3-3) of the 
bench scale reactor model in chapter 3.1). However, the Ergun expression was originally 
developed for powders and spherical particles in tubes with high dT/dP-ratios. For different 
cases, a variety of correction terms have been proposed. Eisfeld and Schnitzlein [86] compared 
24 published pressure drop correlations by evaluation of more than 2300 experimental data 
points. The best agreement between experiment and prediction was achieved with the 
correction term of Reichelt, which includes an influence on the dT/dP-ratio (5-28)-(5-31). The 
constants 𝛺1, 𝜔1 and 𝜔2 were determined for different particle shapes. In case of the bench 
reactor (section 3.1) such correction was not necessary because of the dilution of the catalyst 
shapes with smaller inert particles. 
 
𝐶𝑙𝑎𝑚 = 𝛺1 ∙ 𝐴𝑤
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The description of the heat transfer in the catalyst bed in case of two-dimensional, 
heterogeneous reactor models is another, more complex issue. As both, solid and fluid phase, 
contribute to the radial heat transport, the heat balance of each phase (equations (5-11) and 
(5-17)) requires separate radial heat transfer parameters. However, common literature models 
as those of Froment [55] and Zehner, Bauer and Schlünder [56] were developed and validated 
only for pseudo-homogeneous cases, which do not differentiate between solid and fluid phase. 
Instead, they make use of an overall effective heat conductivity, which is expressed by the 
general equation (5-32). The static term, 𝜆𝑟,0, combines radiative and conductive transport 
mechanisms of both phases in the absence of fluid flow, while the dynamic term, 𝜆𝑟,1, accounts 
for the convective contribution of the fluid flow.  
 
𝜆𝑟
𝑒𝑓𝑓 = 𝜆𝑟,0 + 𝜆𝑟,1         (5-32) 
 
A further distinction, which is made in two-dimensional models, is the description of the radial 
flow pattern and the temperature distribution at the wall. The αw-model assumes plug flow and 
a characteristic temperature jump at the wall is described by a wall heat transfer coefficient (αw) 
and a third kind boundary condition [56]. Alternatively, the λr(r)-model accounts for a radial flow 
distribution, which is caused by the radial profile of the bed porosity. At the wall, a first kind 
boundary condition states equality of fluid and wall temperature.  
There is a longstanding debate about which of these models is more adequate. Proponents of 
the λr(r)-model point out the importance of the radial distribution of flow velocity and bed 
porosity, especially in case of low tube-to-particle diameter ratios [87,88]. These profiles are 
typically characterized by a significant slope of both parameters in the vicinity of the wall [56,89]. 
Porosity profiles must be determined experimentally or may be estimated by literature 
correlations which exist for a broad range of tube-to-particle diameter ratios and different 
spherical and cylindrical particle shapes [56,88,89]. The same accounts for the effective viscosity 
parameter, which is necessary for the description of the flow pattern by means of the extended 
Brinkmann equation. With the plug flow assumption, the αw-model works without such 
parameters, but it implies an additional heat transfer coefficient at the wall (αw). Proponents of 
this model insist on the experimental evidence of an existing temperature jump at the wall, 
which is also detectable in packed tubes without fluid flow [90]. 
In the presented experiments in the pilot reactor, the very low tube-to-particle diameter ratio 
(D/d < 3) caused significant wall effects (Fig. 42) and even minor filling voids. The filling was 
additionally influenced by the presence of the thermocouple well in the tube center, which may 
be the reason why several tested literature models failed in predicting reasonable porosity and 
velocity profiles in the present case. Therefore, the choice finally fell upon the αw-model with 
the correlations according to Nilles (5-33)-(5-34) [56]. The range of validity with respect to the 
tube-to-particle diameter ratio is specified to 1.2 to 51. Although Bauer and Adler [90] 





developed different correlations for spherical and ring shaped particles, the values for the bed 
porosity in the presented experiments are below the specified range of validity. 
 
 
Fig. 42: Filling trial with catalyst C1 in a Plexiglas tube (21 mm inner diameter). 
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          (5-34) 
 
Another issue relates to the choice of the calculation method for the radial heat conductivity 
values for fluid and solid phase. Comparing to the application of two-dimensional, pseudo-
homogeneous reactor models the number of works, in which heterogeneous models were used, 
is rather small. Hofmann [91] stated that in general the heat transfer between two adjacent 
particles is negligible. Accordingly, in most one-dimensional, heterogeneous models the heat 
exchange with the wall is conducted by the fluid phase while the solid interacts with the fluid 
only [16,55]. This method was also applied for the bench reactor model in the present work 
(section 3.1). Wijngaarden and Westerterp [92] followed the same principle for a two-
dimensional, heterogeneous model which was used to describe a variety of dynamic 
experiments in a system without chemical reaction during which radial temperature profiles 
were measured. According to the authors, the estimated values of the heat transfer coefficients 
were in good agreement with the literature. 
Papageorgiou and Froment [88] used a two-dimensional, heterogeneous model for the 
simulation of the highly exothermic synthesis of phthalic anhydride in a fixed bed reactor. For 
the modeling of the radial heat transport by means of the λr(r)-model, the authors assigned the 
respective static contributions of the effective radial heat conductivity to each phase, while the 
dynamic contribution was assigned to the fluid only. Testing different literature correlations for 
the static terms, the authors found a high sensitivity of the simulation results to the radial 





conductivity parameters. Elsewhere [55], Froment points out that the simulated temperature 
profiles are too high if the whole conductivity term is assigned to the fluid phase only. 
Marx [93] recently applied a two-dimensional, heterogeneous model for the description of an 
industrial scale pilot reactor in which the selective oxidation of o-xylene to phthalic anhydride 
was investigated. The reactor configuration was similar to that of the present work. The author 
applied the αw-model and assigned the entire radial heat transfer to the solid phase. The radial 
heat conductivity and heat transfer coefficient at the wall were calculated according to the 
correlations of Zehner, Bauer, Schlünder and Nilles [56,94]. During kinetic parameter estimation 
however, the radial heat conductivity had to be multiplied by a factor of 1.8 in order to 
reproduce the measured axial temperature profiles. 
Another issue related to this discussion is the fact that the literature models for the description 
of the radial heat transfer in fixed beds were derived or validated from data obtained from 
experiments without chemical reaction. In the presence of strongly exothermal reactions 
however, heat and mass transfer are coupled. Hofmann [91] reported significant differences in 
the heat transfer parameters when they were fitted together with kinetic parameters. 
Wijngaarden and Westerterp [95] explained such deviations by the presence of more 
pronounced temperature gradients between solid and fluid in experiments with chemical 
reaction. However, these gradients are not taken into account in pseudo-homogeneous models, 
which are generally the base for the common heat transfer calculation methods. Hence, an 
optimization of the literature values according to Marx [93] may be justified. On the other hand, 
Daszkowski and Eigenberger [96] found for the αw-model that reaction and heat transfer can 
only be modeled with independently determined parameters if the radial variation of the axial 
mass flow velocity is properly considered.  
With respect to the assignment of the radial heat conductivity of the catalyst bed with fluid flow, 
own simulations revealed that, if the complete radial heat transfer is assigned to the solid phase, 
the simulated temperature of the fluid becomes higher than that of the solid. This happens just 
after reaching the maximum hot spot temperature. In case of strongly exothermal reactions as 
is the n-butane oxidation however, this does not appear reasonable. On the other hand, 
assigning the heat transfer to the fluid phase only can lead to excessive temperature gradients 
between fluid and solid [55]. 
Hence, in the present work, a strategy according to that of Papageorgiou and Froment [88] was 
applied, but with the αw-model. Static contributions of the solid and the fluid phase to the radial 
bed conductivity were calculated according to the correlations of Zehner, Bauer, Schlünder [94] 
for a packed bed without fluid flow. This was done by splitting the equation for the overall radial 
conductivity of the packed bed without fluid flow, 𝜆𝑟,0, which is related to a pseudo-
homogeneous reactor model, in two respective terms (5-35). The fluid contribution (5-36) 
increases with increasing gas volume ((1 − √1 − 𝜀𝐵) ∙ 𝜀𝐵) and the solid contribution (5-37) 
increases with increasing solid volume (√1 − 𝜀𝐵). It is important to note this is an approximation 
since according to the unit cell model of Zehner, Bauer and Schlünder the latter term refers to 





the heat flux from one spherical particle to another through a circular area that is partially 
composed of solid and fluid. This approximation has not been tested experimentally. The mean 

















= (1 − √1 − 𝜀𝐵) ∙ 𝜀𝐵 ∙ [(𝜀𝐵 − 1 + 𝜅𝐺




= √1 − 𝜀𝐵 ∙ [𝜑 ∙ 𝜅𝑝 + (1 − 𝜑) ∙ 𝜅𝑐]       (5-37) 
 
The obtained value for the static contribution of the solid, 𝜆𝑟,0
𝑠𝑠 , can be directly used in equation 
(5-18), while the dynamic contribution was added according to equation (5-38) for the total 
contribution of the fluid, 𝜆𝑟
𝑓
 in equation (5-12). The influence of the tube-to-particle diameter 
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5.2 Activity model 
Revising the scientific literature, only one theoretical study has been found, which attempts to 
describe the phosphorus dynamics of VPO catalysts for the selective oxidation of n-butane. 
Diedenhoven et al. [97] proposed a linear relation between reaction rates and phosphorous 
coverage on the catalyst surface which was determined by the adsorption kinetics. Their model 
was able to describe dynamic, phosphorus induced changes of the hot spot temperature while, 
however, form and location of the hotspot were not affected. An influence of water on the 
dynamics was not included. Hence, such simple approach is not sufficient for the description of 
the experiments of the present work, during which significant shifts of the temperature profile 
as well as significant interactions between water and phosphorus were observed. 
The phenomena of shifting temperature profiles in industrial scale fixed bed reactors was more 
thoroughly investigated for a similar partial oxidation reaction which is the production of 
phthalic anhydride from o-xylene over V2O5/TiO2 catalysts [93,98–100]. Among these works, 
Cheng et al. [99] presented a dynamic approach which included deactivation by coke formation 
on the catalyst surface as a function of the o-xylene concentration, so as the reactivation by gas 





phase oxygen. The authors could well describe a series of dynamic experiments during which 
the hot spot moved inside the catalyst bed and the temperature profile showed an inflection 
point in the inlet section. 
Based on the experimental observations of the present work and the conclusions in section 4.5, 
the following requirements for the dynamic activity model may be stated: 
a) Active surface sites dynamically appearing and disappearing on the catalyst surface as 
function of reaction conditions. 
b) The formation of active sites being hindered by excess phosphorus (= damping P effect) 
c) The presence of water leading to catalyst activation through an enhancing effect on the 
P dynamics (this effect must not be mixed up with the intrinsic effect of water on the n-
butane oxidation). 
d) The surface concentration of phosphorus being determined by its adsorption 
equilibrium, which is altered by the presence of water. 
e) The phosphorus induced processes being rate determining for the surface dynamics. 
 
Points a) and b) are direct conclusions of the discussions in section 4.5. The formation of active 
sites (Sk
VPO) from non-active sites on the VPO surface (Sk0
VPO) can thus be expressed in form of a 
chemical reaction (5-i). In the light of the discussions in chapter 4.5, the water induced formation 
of an active site would thereby correspond to the water promoted stabilization of a two-
dimensional state of the active surface, which is necessary in order to ensure the provision of 
bulk oxygen for the reaction. Accordingly, the Sk
VPO-formation reaction requires adsorbed water 
(SH2O
ads ), whereas the presence of excess surface phosphorus (SP
ads) favors the reverse path, i.e. 
the destruction of Sk
VPO. Both surface species, water and P, are not consumed in this reaction, 
and their presence is supposed to only affect the presence of different surrounding VPO surface 
species. The index k implies that more than only one active site might be involved as it was also 
worked out in chapters 3.4 and 4.5. 
 
        (5-i) 
 
The adsorption of phosphorus on the catalyst surface is considered to be essential due to the 
following reflections. It is reasonable that a phosphorus induced shift of the temperature hot 
spot towards the center of the catalyst bed is consequence of high catalyst deactivation in the 
inlet zone. Therefore, the deactivating component phosphorus should present a concentration 
profile on the catalyst surface varying along the catalyst bed. The formation of such 
concentration profile is driven by the kinetics of adsorption and desorption of phosphorus on 














means of a competitive adsorption of phosphorus and water on free surface sites (S0
ads) 
according to reaction (5-ii) and (5-iii).  
 
P∗  + S0
ads  ⇌ SP
ads         (5-ii) 
H2O + S0
ads  ⇌ SH2O
ads          (5-iii) 
 
The stability of trimethyl phosphate under reaction conditions is questionable. Phosphoric acid 
forms polyacids and phosphorus oxides at elevated temperatures [83,101]. Hence, the exact 
nature of the phosphorus species, which interact between gas phase and catalyst surface, is not 
known. For the model of the present work, a hypothetical species P* is therefore considered, 
which contains one phosphorus atom, similar to TMP. 
It is worth noting that this model is a very simplified resume of the previously derived VPO 
scheme (Fig. 41 in section 4.5) since the surface species are not consumed during reaction (5-i). 
This means that no bulk diffusion of phosphorus is included and therefore, the model does not 
account for any storage of adsorbed phosphorus in the catalyst or for the removal of phosphorus 
from the catalyst bulk. All processes, which affect the activity, are occurring fully reversibly on 
the catalyst surface. For the time being, this model is thus only valid if no significant irreversible 
deactivation was observed.  
A more general justification for the model assumptions may be as follows. Relating the 
reactivation after startup equilibration exclusively to a loss of phosphorus, it can be assumed for 
the experiments during which a significant reactivation did not appear, that the catalyst was still 
saturated with phosphorus. In other words, the phosphorus diffusion from the catalyst bulk to 
the surface was still not significant. The timely introduction of phosphorus to the reactor feed 
after equilibration further inhibits the formation of more pronounced concentration gradients 
in the catalyst bulk which would lead to a phosphorus loss and thus, to a change of the intrinsic 
catalyst activity.  
Additionally, it must be taken into account that the pilot test runs in the present work took only 
up to two months each. As compared to typical commercial catalyst lifetimes of around six years, 
the interval of the presented experiments is still related to start of run conditions. Since the 
diffusion of phosphorus in the catalyst bulk is supposed to be again much slower than the 
adsorption dynamics, related long term effects like the formation of VO(PO3)2 or V2O5 (Fig. 41 in 
section 4.5), and probably occurs to a significant extent only on a longer time scale. Hence, such 
effects should not play any role during the experiments of the present work. Therefore, care 
should be taken when extending the proposed model to longer operation times.  
In order to find mathematical expressions for the rates of reactions (5-i)-(5-iii) some additional 
assumptions are required. As pointed out in section 4.5, the active sites are supposed to be 
rather large structures, presumably being composed of various molecular surface species, as 8 





hydrogens have to be removed and 3 oxygens need to be incorporated. Assuming that the actual 
adsorption sites for phosphorus and water are much smaller than the catalytically active sites, 
they can be balanced separately, so that S0
ads and Sk0
VPO are not identical. A similar assumption 
is made with respect to the different active sites. Expressing the concentrations of active sites 
and adsorbed species by means of activity factor 𝑎𝑘 and surface coverage, 𝜃𝑖 (𝜃𝑃ℎ + 𝜃𝐻2𝑂 +
𝜃0 = 1), and assuming that the adsorption of water is much faster than that of phosphorus, the 



















𝜉4,𝑘     k = 1, 2 ,…N  (5-40) 
 
A further simplification of the model implies the assumption that the adsorption of phosphorus 
is the rate limiting step of both reactions. In this case, the time derivative of the activity factor 










      k = 1, 2 ,...N  (5-41) 
 
Note that both, the dynamic and the steady state approach combined with the dynamic 
expression for the surface coverage, as well as with the intrinsic kinetics (equations (3-36)-(3-37) 
in section 3.2) are able to describe the observed influence of water. High water concentrations 
in the gas phase favor the adsorption on the catalyst surface, which enhances the activating 
reaction (first term in equation (5-40)). On the other hand, it also inhibits the adsorption of 
phosphorus (first term in equation (5-39)), reducing its surface coverage which finally 
decelerates the deactivating reaction (second term in equation (5-40)).  
The finding of initial conditions for equations (5-39) and (5-40) is strongly related to the 
definition of the reference activity, 𝑎𝑘
0. As the intrinsic kinetic parameters were determined after 
the equilibration periods during the bench reactor experiments, 𝑎𝑘
0 should be unity after the 
respective equilibration periods during the pilot reactor experiments. Therefore, only those pilot 
tests are considered during which no significant change of the intrinsic activity was observed 
after the equilibration period. Hence, the initial condition for the feed-related, additional 
phosphorus surface coverage is zero (5-42). Again, it is important to note that this initial 
phosphorus coverage relates to the surface phosphorus, which is in excess as compared to the 
fresh, virgin catalyst. The catalytically active surface species of the fresh vanadyl pyrophosphate 
catalyst of course do contain phosphorus, which however does not contribute to the exchange 
between catalyst and gas phase in the presented model. Hence, setting the time derivative of 





the activity to zero, the initial catalyst activity is constant and unity during the steady state 
experiments, during which phosphorus was not yet added. As the observed initial deactivation 
during the equilibration period is excluded from the modeling, it is thus appropriate to start the 
simulations from the moment in which the first observed steady state was reached. The initial 
conditions for equations (5-39) and (5-40) are thus equations (5-42) and (5-43). The initial 
activity resulting from these equations is unity. 
 
𝜃𝑃ℎ(𝑡 = 0) = 0         (5-42) 
𝜕𝑎𝑘(𝑡=0)
𝜕𝑡
= 0          (5-43) 
 
Another assumption had to be made with respect to the distribution of phosphorus within the 
catalyst pellet. Not knowing the exact nature of the acting phosphorus species, uncertainty 
prevails as to the transport mechanism in the catalyst. Diffusion through gas phase, solid surface 
and/or solid bulk is conceivable. Reminding the theory of a highly dynamic surface on which 
various VPO phases are in equilibrium (section 4.5), especially the surface and bulk diffusion 
would be enhanced by phase transformations. The influence of pore diffusion on activity and 
selectivity of the catalyst is visible, reaching an effectiveness factor for the butane conversion of 
about 50% in the hot spot region. Since the effects of phosphorus addition or withdrawal occur 
on a time scale of minutes to hours, it is not expected that pore diffusion with time constants of 
the order of seconds can influence these rather slow effects. For simplification is thus assumed 
that the concentration of the hypothetical phosphorus species in the catalyst equals the bulk 
concentration in the gas phase. Mathematically, this corresponds to the assumption that the 
efficiency factor for the phosphorus adsorption is always one for all catalysts and all process 
conditions. This assumption entails the advantage that no diffusion coefficient is required for 
the phosphorus species, which would be another subject to uncertainty. Accordingly, our model 
is rather likely not sufficient for describing the phosphorus dynamics in cases of strong 
diffusional limitations.  
As the phosphorus concentration takes very small values in the range of ppm, the model stability 
was enhanced by logarithmizing the phosphorus balance leading to equation (5-44). The factor 
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5.3 Parameter estimations 
In the first step, the initial steady state experiments, during which phosphorus was still not 
added, were used for optimizing the derived reactor model in order to be able to correctly 
reproduce the measured concentrations and temperature profiles. This implies the optimization 
of the calculated heat transfer and pressure drop parameters, as well as of the kinetic model. At 
continuation, the optimized reactor model is used for simulating the dynamic experiments and 
for estimating the parameters of the above described activity model. Before presenting the 
parameter estimation results, the following paragraphs explain the applied methods of model 
and data preparation. 
The concentrations of n-Butane, CO and CO2 that were measured by means of an IR analyzer 
were directly used for the simulations, analogously to the procedure applied during the kinetic 
parameter estimation with the laboratory reactor experiments (section 3.3). For the preparation 
of the temperature measurements, the measurement positions in the catalyst bed had to be 
assigned to the axial grid points in gPROMS. For the two-dimensional heterogeneous pilot 
reactor model 58 grid points in axial direction and 4 in radial direction were used, as well as 6 
grid points within the catalyst pellets. The number of axial points, which compose one measured 
temperature profile, however, was around 170. Hence, only those 58 axial measurement points 
were selected, the position of which corresponded to the position of the axial model grid points. 
The deviation between these positions was constantly below 5 mm, which should produce only 
minor errors. As the most significant changes in the temperature profiles occurred in the first 
part of the reactor, more data points along the first two meters of the catalyst bed were used. 
The final assignment of the temperature measurements is illustrated in Fig. 43 for one 
pronounced hot spot and one rather flat temperature profile. The lines represent the entire 
measurement and the markers are the respective temperature points used for parameter 
estimation in gPROMS. 
The filling trial (Fig. 42) illustrates that the axial well, which contains the thermocouple, has 
contact with catalyst particles and reacting gas. Hence, the question arises if a measured 
temperature value corresponds to the solid or the fluid phase. An additional error is produced 
by the heat conduction within the thermocouple well. According to the jagged form of the 
temperature profiles (Fig. 43), the attribution of the measured values to either gas or solid phase 
is probably randomly distributed. For the simulations, the measured temperatures were hence 
assigned to the average of fluid and solid temperatures. The variance was thereby set to 5 K. It 
is worth noting that this is still a rather optimistic value, taking into account that according to 
the applied solid-fluid heat transfer model, the calculated temperature gradients are up to 10 K, 
and the thermocouple itself has an error of ± 2 K. 
 






Fig. 43: Two measured temperature profiles and the corresponding data points which were used 
in gPROMS. 
 
The experiments in the pilot reactor revealed that the changes in catalyst performance, which 
were induced by the phosphorus dynamics, became apparent on a time scale of hours. Hence, 
it is reasonable to establish hours as time unit for the integration of the balance equations. As 
the chemical reaction rates on the other hand have a much smaller time constant, the time 
derivatives of the fluid and solid concentrations of all compounds with exception of phosphorus 
were neglected. In case of the heat balances, only the time derivative of the solid temperature 
was included because of the much higher specific heat capacity of the solid as compared to the 
gas.  
In order to reproduce the pressure drop over the catalyst bed, which was measured during the 
experiments, the constants Ω1, ω1 and ω2 of the Eisfeld model (5-28) - (5-31) were adjusted to 
the measurements. Because of the assumptions which were made for the radial heat transfer 
model, the contribution of the fluid flow to the total radial heat conductivity, which was found 
to make around 90 % of the total value, was multiplied with the constant factor 𝐶𝜆𝑟𝑓. Similarly, 
the bed-wall heat transfer coefficient 𝛼𝑤 was multiplied with the constant factor 𝐶
𝛼𝑤. These 
factors were permitted to vary between 0.8 and 1.2 corresponding to 20 % deviation of the 
literature models. In general, the tuning of pressure drop and heat transfer parameters is 
justified, especially because of the presence of the axial thermocouple well, which has a 
significant impact of the catalyst bed packing (Fig. 42), as well as on the effective tube-to-particle 
diameter ratio. Since all applied correlations include a dependency on the aspect ratio, a 
deviation from the literature values is expected. 
The intrinsic kinetic parameters were formerly determined in the bench scale reactor (section 
4.4.3), in which the catalyst was diluted with inert material, and the operating conditions were 
different from those applied in the pilot reactor. Especially the diluted catalyst bed despite of 
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simulations. Therefore, the intrinsic kinetic parameters (Tab. 6 in section 3.3) too, were 
permitted to vary within 10 % of their original values.  
With the optimized kinetic and reactor model, the parameters of the dynamic phosphorus 
model can finally be estimated by simulation of the dynamic experiments. The respective 
parameters to be estimated in each case are resumed in Tab. 13. The exact number of 
parameters for the activity model depends on the number of site activities, which are necessary 
to describe the system, so as on the discrimination between dynamic (5-34) and steady state 
activity model (5-36). Again, only pilot tests PT1, PT2 and PT3 were used for parameter 
estimation. 
 
Tab. 13: Estimated parameters by simulation of steady state and dynamic experiments 
Steady state experiments Dynamic experiments 


























5.4.1 Intrinsic kinetic and model parameters 
Tab. 14 shows the results of the reactor and kinetic parameter tuning. The simulation of the 
initial steady experiments revealed that not all adjustable parameters were significant. In terms 
of the heat transfer model, the measured temperature profiles could be matched best by 
increasing only the αw-coefficient by 22 %. In contrast, the proposed radial heat transfer model 
for the two-dimensional heterogeneous reactor model with the radial heat conductivity 
parameters according to Zehner, Bauer, Schlünder [56,94] is applicable without any further 
modifications.  
Regarding the pressure drop, it was not possible to describe both tested catalyst shapes with 
only one set of constants according to the Eisfeld model (5-3), (5-28) - (5-31). Eisfeld and 
Schnitzlein [86] found Ω1 = 155, ω1 = 1.42 and ω2 = 0.83 for different particle shapes. While in 





the present simulations, the original values of Ω1 and ω1 could be applied, ω2 had to be modified 
individually for each shape within ±15 %. However, taking back in mind the high degree of non-
ideality of the catalyst packing in the pilot reactor caused by the low tube-to-particle diameter 
ratio and the presence of the thermocouple well in the tube center, these minor changes of heat 
transfer and pressure drop parameters are assumed to be acceptable for the considered range 
of operating conditions.  
 
Tab. 14: Optimized pressure drop and intrinsic kinetic parameters 




𝐶𝜆𝑟𝑓   - 1 - 
𝐶𝛼𝑤  - 1.22 + 22 % 
𝛺1  - 155 - 
𝜔1  - 1.42 - 
𝜔2 (C5 / C6) - 0.72 / 0.84 - 13 % / + 2 % 
𝑘𝐵𝑢,𝑀𝐴
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 738.97 + 8 % 
𝑘𝐵𝑢,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 110.10 - 7 % 
𝑘𝐵𝑢,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 71.83 + 2 % 
𝑘𝑀𝐴,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 34.25 - 7 % 
𝑘𝑀𝐴,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 30.96 + 2 % 
𝐸𝐵𝑢,𝑀𝐴
𝐴   kJ/mol 86.56 - 
𝐸𝐵𝑢,𝐶𝑂
𝐴   kJ/mol 105.27 - 
𝐸𝐵𝑢,𝐶𝑂2
𝐴   kJ/mol 108.17 - 
𝐸𝑀𝐴,𝐶𝑂
𝐴   kJ/mol 105.47 - 
𝐸𝑀𝐴,𝐶𝑂2
𝐴   kJ/mol 119.67 - 
𝐾𝐻2𝑂
𝑟𝑒𝑓
  bar-1 80.94 - 8 % 
𝐾𝐵𝑢,1
𝑟𝑒𝑓
  bar-1 403.95 + 1 % 
𝐾𝐵𝑢,2
𝑟𝑒𝑓
  bar-1 446.20 + 4 % 
* Original values determined in the modeling of the bench scale tests 
 





With respect to the kinetic parameters, the activation energies could be kept constant, while 
the kinetic and inhibition constants varied slightly. The reference state again corresponds to the 
reference temperature of 420°C. The highest corrections correspond to the reference kinetic 
constant of the selective reaction (𝑘1
𝑟𝑒𝑓
, + 8 %) and to the reference inhibition constant of water 
(𝐾𝐻2𝑂
𝑟𝑒𝑓
, - 8 %). The kinetic constants for the CO formation reactions decreased by 7 %, while those 
for the CO2 formation increased by only 2 %. Also the n-butane inhibition constants increased 
only slightly by 1 and 4 %. These minor deviations are again acceptable taking back in mind the 
above discussed differences between the two applied reactors. 
The parity plots in Fig. 44 show that this model reproduces well the measured outlet 
concentrations of n-butane, CO and CO2, since the majority of the points are within 10 % 
deviation (solid lines). In order to further underline the quality of the reactor model, the 
following Fig. 45 - Fig. 47 compare the measured and simulated temperature profiles for the 
steady state reference conditions for the three considered pilot tests. In each case the measured 




Fig. 44: Parity plots of measured outlet concentrations for the initial steady state experiments 
(solid lines present 10 % deviation). 
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5.4.2 Activity model parameters 
With the optimized intrinsic kinetic parameters and reactor model, the activity model 
parameters (Tab. 13) were estimated by simulation of the phosphorus dosing experiments.  
Tab. 15 shows the optimized parameters for the best fit for the dynamic and the steady state 
activity models, whereas the reference constants again refer to the reference temperature of 
420°C. Good results were obtained applying both, the steady state and the dynamic activity 
model, although the latter achieved a lower sum of the weighted residuals (3rd term in equation 
(3-40). On the other hand, a number of parameter correlations appeared with respect to the 
temperature dependence of the rate constants in case of both models (Tab. 16 and Tab. 17). In 
addition, the water and phosphorus adsorption constants appeared correlated. Further 
parameter estimations revealed that all correlations disappeared when the activation energies 
of the adsorption and activation rates were set to zero. However, in this case the value of the 
objective function increased significantly by 20 to 30 % because of which the appearing 
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Tab. 15: Activity parameter estimation results 
   Dynamic activity model Steady state activity 
model 














- 1.00 1.11 
1 𝑘𝑃ℎ
𝑎𝑑𝑠,𝑟𝑒𝑓
  mol/kg/h/bar 5464.4 349.5 4195.2 110.5 
2 𝑘𝑃ℎ
𝑑𝑒𝑠,𝑟𝑒𝑓
  10-3 mol/kg/h 73.5 0.2 60.3 0.1 
3 𝐸𝐴,𝑎𝑑𝑠  kJ/mol 93.5 0.5 105.0 0.5 
4 𝐸𝐴,𝑑𝑒𝑠  kJ/mol 116.9 0.2 64.4 0.5 
5 𝐾𝑎𝑑𝑠,𝐻2𝑂
𝑟𝑒𝑓
  bar-1 863.5 58 827.7 33.8 


















kJ/mol 39.8 9.2 -51.0 8.7 


































































































































































































































































































































































































































































The simulations further revealed that the measured temperature profiles and outlet 
concentrations can be described sufficiently well when applying only one activity parameter for 
all reactions. Introducing a second one for the CO formation reactions according to the remarks 
in section 3.2, the respective activity constants differed only minimally and provoked more 
parameter correlations, hence this was ruled out. As the parallel estimation of the exponents, 
𝜉𝑛, together with the remaining parameters reduced the statistical quality of the results and also 
significantly increased the simulation time, they were optimized separately. The best fits were 
obtained using a first order dependency of the catalyst activity on the phosphorus coverage (𝜉3) 
and an exponent for the dependency on surface water (𝜉1) of 0.33. In case of the dynamic 
activity model the best fit was further obtained with 𝜉2 = 𝜉4 = 1. 
The resulting adsorption constants are in the same range for both models. Also the activity 
parameters are similar as the steady state reference activity constant fits well the quotient 




𝑟𝑒𝑓⁄ = 2.68) and the steady 





state activation energy is in the same range as the difference between the activation energies 
for the activating and deactivating reactions. 
The following figures show the parity plots for the outlet concentrations (Fig. 48), as well as the 
comparison between measured and simulated temperatures at the initial hot spot position over 
the time (Fig. 49 - Fig. 51), applying the dynamic activity model. Although the distribution of the 
outlet concentrations (Fig. 48) is broader than in case of the steady state simulations (Fig. 44) 
and some more points are located outside the 10 % deviation (solid lines), the results are still 
very good taking into account, the many assumptions, the large number of measurements, and 
the long experimental times which are continuously integrated by the model. The latter aspect 
is further underlined by regarding Fig. 49 - Fig. 51. The measured temperatures at the initial hot 
spot position in the catalyst bed are reproduced very well by the model over time intervals up 
to 360 h. 
 
 
Fig. 48: Parity plots of measured outlet concentrations for all dynamic experiments (solid lines 
present 10 % deviation) applying the dynamic activity model. 
 






Fig. 49: Measured temperature and with the dynamic activity model simulated catalyst 




Fig. 50: Measured temperature and with the dynamic activity model simulated catalyst 


















































Fig. 51: Measured temperature and with the dynamic activity model simulated catalyst 
temperatures at the axial catalyst bed position at which initially the hot spot was located in 
experiment PT3. 
 
With respect to the observed interaction between phosphorus, water, and catalyst activity, Fig. 
52 - Fig. 57 present the simulated temperature profiles corresponding to the examples of 
phosphorus addition (Fig. 32) and interruption of the water feed at constant TMP feed (Fig. 37), 
which were presented in section 4.4.2 and 4.4.3. The model is able to reproduce the measured 
profiles very well in both, height and form. Minor deviations in the temperature profiles are 
supposed to especially arise from the long continuous simulation time intervals and the 
therefore very probable error progressions.  
 
 
Fig. 52: Measured and with the dynamic activity model simulated catalyst temperature profiles 
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Fig. 53: Measured and with the dynamic activity model simulated catalyst temperature profiles 
before stopping the water feed after 129 h. 
 
 
Fig. 54: Measured and with the dynamic activity model simulated catalyst temperature profiles 


















































Fig. 55: Measured and with the dynamic activity model simulated catalyst temperature profiles 
7 h after stopping the water feed after 129 h TOS. 
 
 
Fig. 56: Measured and with the dynamic activity model simulated catalyst temperature profiles 
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Fig. 57: Measured and with the dynamic activity model simulated catalyst temperature profiles 
126 h after stopping the water feed after 129 h TOS (TMP feed was increased from ca. 3 to 




The derived two-dimensional heterogeneous reactor model with the modified radial heat 
transfer model is able to describe the industrial scale fixed bed pilot reactor very well in terms 
of both, concentration and temperature profiles. The intrinsic kinetic parameters which were 
previously determined in the smaller bench scale reactor could be used after small variations of 
only up to 8 % of the initial values. These deviations are acceptable taking into account the above 
discussed differences between the two reactor setups and operating conditions.  
The correction of the pressure drop und heat transfer parameters is considered to be 
acceptable, especially because of the presence of the axially centered thermocouple well which 
causes bigger inhomogeneities in the catalyst packing, such as additional wall effects at the tube 
center and filling voids (Fig. 42). This is one important difference as compared to commercial 
reactors which do not contain axial thermocouples and in which the catalyst packing should thus 
be more homogeneous. Therefore, the estimated model corrections are only valid for the 
applied pilot reactor and the model is hence not directly transferable to commercial reactors.  
Another consequence of the inhomogeneous catalyst packing is that an exact radially and axially 
resolved void fraction profile as required by the λr(r)-model is not accessible for the applied 
reactor system and would most probably also require unprovable assumptions and corrections 
for this model. In this light, the choice of the αW-model, which implies the use of mean bed 
property parameters, is understandable. This emphasizes the still existing lack of appropriate 
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importance for the simulation of processes with large radial temperature gradients, the 
development of more complex models should be the focus of future research.  
The resulting radial heat transfer resistances are illustrated in Fig. 58, which shows a simulated 
radial temperature profile at the hot spot position. According to the simulations, the main heat 
transfer resistance at the simulated steady state equilibrating conditions is located at the inner 
wall, where the step change in temperature (ΔT = 27 K) which is caused by the model 
assumptions of the αW-model, is much higher than the gradient within the catalyst bed 
(ΔT = 14 K). Similar findings were made among others by Wen and Ding [102]. The temperature 
difference between solid and fluid is constantly below 10 K, which is also in a typical range 
[91,103]. Regarding the contributions to the total radial bed conductivity (5-45), the model 
predicts that the fluid flow (𝑃𝑒0 𝐾𝑟⁄ ) constitutes up to 90 % at the applied experimental 
conditions. The remainder equally distributes on the static contributions of solid (𝜆𝑟,0
𝑠𝑠 𝜆𝑓⁄ ) and 
fluid (𝜆𝑟,0
𝑓 𝜆𝑓⁄ ) phases. Hence, the optimization of the fluid flow contribution only is justified. 
Although the predominance of the fluid flow contribution may support the more common 
method of assigning the complete radial heat conductivity to the fluid phase, own simulations 
showed that the temperature difference between fluid and solid may exceed 10 K in that case. 




















Fig. 58: Simulated radial catalyst temperature profile at the position of the temperature hot spot 
at equilibrating conditions. 
 





Another important conclusion of the successful simulation of the steady state experiments by 
one set of kinetic parameters is that despite the different applied equilibrating conditions and 
times during the different tests, the active surface that formed on the catalyst did not differ 
significantly. In other words, the applied range of different start up procedures had no significant 
influence on the catalyst activity during the first operational steady state. This of course should 
not be extrapolated to a broader range of equilibration conditions, but requires more 
investigation in future works. 
The presented activity model is able to describe the performed pilot reactor experiments very 
well over time intervals of up to two months, during which height and form of the temperature 
profiles changed significantly. Comparing to the simple approach of Diedenhoven et al. [97] it 
contains a lot of additional mechanistic information, which was necessary for a qualitative and 
quantitative description of the changing catalyst performance. Still, the model is a rather 
condensed resume of the complex scheme of which was previously developed in this work (Fig. 
41 in section 4.5). It comprises two reversible reactions. A slow, reversible phosphorus 
adsorption is expressed by a Langmuir type adsorption kinetics and is influenced by water. The 
formation of active sites is proportional to the actual number of inactive sites and the surface 
concentration of water while the rate of decomposition of active sites increases with the surface 
concentration of phosphorus and is further proportional to the actual catalyst activity. 
Phosphorus diffusion in the catalyst pores, bulk or on the catalyst surface, or the bulk diffusion 
of oxygen are not included. According to section 4.5 the diffusion of oxygen, which is essential 
for the conversion of n-butane to MA on the catalyst surface, is enhanced by the presence of 
water and inhibited by excess phosphorus. In the model, these effects are surmised in the 
reactions of formation and decomposition of the active sites. These assumptions were 
successful and essential in the present work leading to the highest agreement between 
experiment and simulation. 
The effect of water on the phosphorus distribution over the catalyst is supposed to be due to 
the enhanced diffusivity of phosphorus in the catalyst, although a direct effect on the 
adsorption-desorption process is also conceivable. In the presented model, this interaction is 
expressed only by the competing adsorption between phosphorus and water whereas the latter 
is assumed to be faster, resulting in permanent equilibrium. According to the simulations and 
with the applied conditions, the phosphorus coverage varies between 0 and 5 % in most parts 
of the bed (Fig. 59), but it reaches up to 50 % in the first 0.5 m of the bed when no water is fed 
(Fig. 60). The resulting activity profiles are inversely proportional to the profiles of the 
phosphorus coverage, as expected. Since the model does reproduce well the progress of the 
temperature profile after phosphorus induced dynamic changes (Fig. 52-Fig. 57), it may be 
concluded that also the resulting qualitative and quantitative progress of the activity profile is 
correct. On the other hand, due to the lack of experimental confirmation, it remains an open 
question if the predicted phosphorus profiles are correct, too. 
The nature of adsorbed excess phosphorus and its migration through the catalyst bed have 
hardly been considered in the literature. The presented model includes only surface adsorption 





equilibrium for a hypothetical phosphorus species, which contains one phosphorus atom 
according to TMP. The transport through the reactor thus occurs only through the gas phase. 
According to the discussions in section 4.5 however, also catalyst bulk and surface diffusion 
mechanisms could contribute to the axial distribution of phosphorus in the catalyst bed. 
Additionally, it was assumed that phosphorus adsorbs on the same surface sites as water, and 
that the surface phosphorus presents no concentration gradient in the catalyst pores. These 
assumptions were successful in the present work and it is important to note that the parameter 
estimation results were significantly worse when neglecting the water adsorption. However, 
there is no evidence about the exact sorption mechanisms since they hardly have been 
investigated so far. The absence or presence of such gradients have to be determined 
experimentally and may be influenced by the contribution of surface and bulk diffusion 
mechanisms. A better understanding of these processes is needed to further improve the model 
and should be considered in future investigations. 
 
 
Fig. 59: Simulated profiles of catalyst temperature, phosphorus coverage (θPh) and catalyst 



































































Fig. 60: Simulated profiles of catalyst temperature, phosphorus coverage (θPh) and catalyst 
activity along the central axis for operation with 5 ppmv TMP and no water at stationary state. 
 
It is important to note that the applied model for the phosphorus dynamics includes only fully 
reversible surface effects, which according to the simulation results are sufficient to describe 
the performed experiments very well over time intervals of up to two months. This result further 
indicates that during the considered period no significant changes in the intrinsic catalyst activity 
occurred like the formation of VO(PO3)2 or V2O5. On the other hand, when significantly longer 
operation times are considered, especially the bulk diffusion of phosphorus may have to be 
included into the description. The effects of related structural transformations of the catalyst 
bulk on the intrinsic catalytic activity, may also appear on much longer time scales which, 
however, was not investigated in this work. The same accounts for the appearance of extreme 
conditions as applied by Cavani et al. [39]. During experiments of in situ removal and 
reintegration of phosphorus, the authors observed an irreversible loss of selectivity, which 




































































Nature and diffusion mechanisms of active oxygen species too are not considered in the model. 
The presented experiments could be well described without any influence or consumption of 
oxygen in the dynamic formation reactions of the active sites. If however orthophosphates are 
components of the active sites according to the proposed scheme in section 4.5 (Fig. 41), their 
formation should include an oxidizing step of the VPP precursor. The reason that such step was 
not necessary for the simulations may be that in the fixed bed process with air, oxygen is 
abundantly present. Another explanation is that the two-dimensional active surface first forms 
on the VPP precursor under the influence of water according to the proposed scheme of Bluhm 
et al. [64]. The reported active orthophosphate species [39,40,42,59,60] are then formed on 
these two-dimensional structures. In the presented model, this is included as oxygen is only 
consumed in the conversion of hydrocarbons whereas the intrinsic reaction rates depend on the 
partial pressure of oxygen. Together with the effects of water and phosphorus on the formation 
reaction of active sites, the literature reports according to which excess phosphorus prevents 
and water enhances the oxidation of the catalyst [6,39,40] are hence included in the model. 
Another coincidence between the estimated model parameters and the findings of Cavani et al. 
[39,40] is that the activation energy of the formation reaction of the active sites is lower than 
that of the decomposition reaction. At certain surface concentrations of water and TMP, the 
concentration of active sites is thus higher at lower temperatures. Accordingly, the authors of 
[39,40] reported that the addition of water to a catalyst containing excess phosphorus permits 
the formation of active δ-VOPO4 already at reduced temperatures. 
The fact that only one activity factor was sufficient to describe all the experiments does not 
necessarily contradict the findings in section 3.3. The experiments in the bench reactor indicated 
that the formation of CO may be differently inhibited by the concentration of n-butane. It was 
thus concluded that in the corresponding reactions different active sites are involved as 
compared to the formations of MA and CO2. The results in this section suggest that both sites 
are equally affected by the phosphorus concentration on the catalyst surface. In accordance 
with the statements in section 4.5 the following mechanism appears conceivable. The n-butane 
molecule is activated on one active site, and remains anchored on the catalyst surface during 
the complete conversion. Thereby, the dynamic phase equilibrium promotes the supply of 
oxygen, whereas the formations of MA and CO2 may be facilitated by different phases present 
than the formation of CO. The fact that apparently all reaction paths are equally influenced by 
the presence of excess phosphorus suggests that phosphorus inhibits primarily the formation of 
the n-butane activating sites. However, this is in contrast to the findings of Cavani et al. [39,40] 
who found different selectivities as a function of phosphorus content and operating conditions. 
The cause of these differences may be that the synthesis of catalysts with lower P/V ratio as 
performed in [39,40] leads to a different bulk structure, which effects on the surface dynamics. 
This aspect again highlights the importance for future works to investigate the interactions 
between bulk and surface of VPO catalysts and to include this into more detailed models for the 
description of the activity dynamics. 





6 Conclusion and outlook 
The industrial manufacture of maleic anhydride (MA) by selective oxidation of n-butane over 
VPO catalysts is well known to be a dynamic process during which catalyst performance changes 
with time and operating conditions. There is a general agreement that a loss of phosphorus is 
responsible for this behavior. Therefore, a variety of technologies are claimed compensating this 
loss in order to ensure optimum operation of commercial reactors. This implies the addition of 
an organic phosphorus compound, such as trimethyl phosphate (TMP), to the reactor feed. 
Furthermore, the addition of water seems to play an important role for an adequate distribution 
of phosphorus in the catalyst bed. The aim of the presented work was the kinetic description of 
the dynamic behavior of industrial VPO catalysts for the manufacture of MA in a catalytic fixed 
bed pilot reactor. The necessary tools for this objective were the experimental investigation and 
modeling of the intrinsic reaction kinetics, as well as of the phosphorus dynamics. 
Reaction network and kinetics of the selective oxidation of n-butane to MA were investigated in 
a bench scale reactor, in which different cylindrical and ring shaped particle geometries of a full 
body VPO catalyst were filled together with inert material. Actually, the reactor configuration 
was not ideal for investigating the detailed reaction network and kinetics, since it was not 
possible to dosage any reaction products and to establish isothermal conditions. However, the 
experiments revealed some important aspects about the formation of the by-products CO and 
CO2, which so far hardly have been considered in detail in the literature. 
The CO/CO2 ratio was found to decrease with increasing conversion, but it also increased with 
reducing n-butane inlet concentration. The results suggest that at least CO is formed by a 
different reaction mechanism and/or on different kind of active sites. Common literature kinetic 
models, which in the past were used for reactor modeling, do not account for this behavior, 
because of which the performed experiments of this work were used for kinetic modeling. 
Different kinetic models were deduced for a network of five reactions, the selective conversion 
to MA, so as the over-oxidations of n-butane and MA towards CO and CO2 respectively. The 
reaction rate equations are similar to existing literature models, with the difference that it is 
explicitly distinguished between the formation paths of CO and CO2. Satisfactory results were 
obtained with an Eley-Rideal type Hougen-Watson model, where the rate equation for the CO 
formation contains a different constant for the n-butane inhibition than the other reactions. All 
reactions are further inhibited by water and proportional to the concentration of oxygen by the 
power of 0.5. The order with respect to the hydrocarbon is one. 
During the kinetic modeling, all non-ideal aspects of the laboratory reactor were tried to be 
included in the applied reactor model. The same accounts for diffusion resistance in the catalyst 
pellets which were described by means of an effective Fickian diffusion model. The applied 
procedure finally permitted a good description of different catalyst shape geometries by one 
kinetic model. Therefore, the developed model should also be directly applicable to different 
commercially applied full body catalyst shapes. However, it is surely recommendable to 
investigate the reaction network and kinetics again in the light of the findings of the presented 





work, applying a more suitable reactor system in which temperature and diffusion related 
interactions are minimized, and which additionally permit the dosage of reaction products to 
the reactor feed stream. 
The fact that already during the kinetic experiments an unsteady catalyst behavior was observed 
implies a further influence on the modeling results. Catalytic performance and properties as BET 
surface area and P/V ratio were found to vary as a not definable function of operating conditions 
and time. In some cases in which the catalyst reactivated after prolonged runs at high 
temperature, chemical analysis of the used catalyst supported the common assumption of the 
literature that a loss of phosphorus is responsible for the unsteady behavior. However, the 
varying extent of dynamic effects during the experiments and the high variance of the analysis 
results reduce the validity of these findings. Therefore, nature and cause of such changes too 
should be investigated in more detail in a more ideal reactor system.  
The dynamic behavior of a full body shaped VPO catalyst was investigated separately in an 
industrial scale fixed bed pilot reactor. In the light of its industrial importance, the addition of 
phosphorus and steam to the reactor feed was focused. If the reactor is operated without 
phosphorus addition during prolonged periods, an increase in activity and simultaneous loss in 
MA selectivity drive the operation in a less stable region with the risk of runaway. The underlying 
effects are probably the same as in case of the laboratory reactor experiments although this was 
not focused in this work. The addition of small amounts of phosphorus to the reactor effects a 
very slow, but reversible deactivation. In addition, these dynamic activity processes are strongly 
influenced by the presence of water. The addition of water was found to effect a fast intrinsic 
inhibition of the reactions, but on a longer time scale it provoked a reactivation of the catalyst 
when it formerly had been damped with TMP. Hence, an optimum dosage of both, water and 
phosphorus permits the control of the temperature profile and MA yield in the fixed bed reactor. 
Comparing the presented experiments with the long standing, often contradictory, scientific 
literature about reaction mechanism and active VPO surface, it was further possible to find 
common aspects, which might be summarized in a scheme for the VPO chemistry. According to 
this model, the active surface is a two-dimensional structure composed of various surface 
species, which may have various functions in the different reaction steps. This surface is formed 
on the VPP precursor under reaction conditions under the influence of water, while its 
composition is further determined by the phosphorus concentration at the catalyst surface. The 
surface concentration is influenced by the adsorption equilibrium of gas phase phosphorus, as 
well as by the diffusion of phosphorus between catalyst bulk and surface. The diffusion again is 
facilitated by the water induced two-dimensional structure of the catalyst surface, which is also 
responsible for the easy access of oxygen atoms necessary for the n-butane oxidation. It must 
again be underlined that the proposed model is not based on detailed analysis studies. Instead 
it should be considered as a theoretical approach which was deduced by discussing the 
experimental observations in the light of the diverse scientific literature about the underlying 
reaction mechanism. 





Forthcoming works should hence take into consideration the dynamic processes occurring on 
the VPO surface and focus more on the role of phosphorus and water in the reaction mechanism. 
Additionally, the formation mechanisms of the nonselective byproducts acrylic and acetic acid, 
as well as CO and CO2 and their relation to the presence of different surface species requires 
more precise investigation. A suitable experimental set up may be a micro-reactor, which 
permits the implementation of in situ analysis technics and a dosage system for TMP and water. 
Flexibility in the setting of operating conditions should further permit the investigation of a 
broad range of conversion and gas compositions.  
The experimental periods in this work were several weeks which comparing to catalyst lifetimes 
of several years are still related to start of run conditions. During this time, all observed effects 
were reversible. Since the diffusion of phosphorus in the catalyst bulk however is supposed to 
be much slower than the adsorption dynamics, related long term changes of the bulk phases 
probably occur to a significant extent only on a longer time scale. Hence, such effects should not 
play any role during the experiments of the present work. Therefore, care should be taken when 
extending the proposed reaction scheme to longer operation times. This too should be focused 
in forthcoming works and combined with advanced characterization methods. 
The proposed VPO reaction scheme was used as a basis for a mathematical model for the 
description of the observed phosphorus dynamics. This dynamic activity model was then 
implemented in a two-dimensional heterogeneous reactor model for the applied pilot fixed bed 
reactor, which was finally used for parameter estimations. The radial heat transfer in the reactor 
was described by a slightly modified αw-model according to which the static contribution to the 
effective radial bed conductivity was distributed over the gas and the solid phase respectively. 
The dynamic contribution and the wall heat transfer coefficient were assigned to the gas phase 
only. With this model and minor optimizations of the intrinsic kinetic parameters, pressure drop 
parameters and the wall heat transfer coefficient, the pilot reactor could be described very well 
in steady state. However, there is still a common lack of appropriate heat transfer models for 
two-dimensional heterogeneous reactor models. In the light of their importance for the 
simulation of processes with large radial temperature gradients these more complex models 
should be focused in the future. Another consequence of the unideal catalyst packing of the 
pilot reactor relates to the transferability of the developed model to commercial reactors. As 
commercial reactors do not include axial thermocouples the catalyst loading is much more 
homogeneous. The developed model of this work with its optimized heat transfer and activity 
parameters can therefore not be transferred directly to commercial reactors.  
The dynamic activity model comprises two reversible reactions. A slow, reversible phosphorus 
adsorption is expressed by a Langmuir type adsorption kinetic expression. Water adsorption is 
assumed to be faster reaching equilibrium at any time. The formation of active sites is 
proportional to the actual number of inactive sites and the surface concentration of water. The 
latter is according to the formerly proposed mechanism according to which water drives the 
system in a two-dimensional state, which facilitates the mobility of the three oxygen atoms 
necessary for the conversion of n-butane to MA. The activation process is inhibited by the 





presence of surface phosphorus. Accordingly, the rate of decomposition of active sites increases 
with the surface concentration of phosphorus and is further proportional to the actual catalyst 
activity.  
The diverse influence of water is hence included in three ways. According to the fast reduction 
of hot spot temperature and conversion, which was observed after increasing the feed 
concentration of water, the intrinsic kinetic expressions contain a respective inhibition term. The 
slower activating effect of water when the catalyst has been damped with phosphorus is 
included by the competitive adsorption between water and phosphorus, as well as by the 
accelerating impact on the formation of active sites. 
The overall kinetic model thus distinguishes explicitly between intrinsic kinetics and phosphorus 
induced activity dynamics. In the presented work, this was possible as all phosphorus related 
processes were induced by the addition of TMP to the reactor feed and appeared to be 
completely reversible. Since during the kinetic experiments in the bench reactor neither 
phosphorus nor water were fed, the model activity is constantly one during these experiments, 
neglecting the observed minor activity changes. Diffusion of phosphorus between bulk and 
surface where it can desorb to the gas phase according the reported loss of phosphorus is not 
included in the model. Hence, it cannot describe irreversible changes in catalyst performance 
after prolonged runs without phosphorus addition and at high temperatures. In this light, future 
studies with focus on irreversible dynamics during start up and prolonged runs without 
phosphorus addition, should also be evaluated kinetically. For this goal, the underlying VPO 
chemistry and phosphorus and oxygen transport processes must be identified too and included 
in the activity model. 
Despite these constraints, the model describes very well the overall reactor performance in 
terms of conversion and selectivity at the reactor outlet and axial temperature profiles. 
However, concentration measurements at very low conversions could further improve the 
model since they are related to the most significant temperature variations, which were 
observed in the first third of the catalyst bed. In order to additionally reduce influences of the 
non-ideal characteristics of the applied pilot scale reactor, it may again be recommended to 
make recourse of a micro-scale reactor which permits the dosage of TMP and water. 
Keeping in mind the above described limitations it can be summarized that the ambition of 
developing a model for the description of industrial scale fixed bed reactors for the manufacture 
of MA from n-butane including the performance determining phosphorus dynamics was 
successfully achieved in this study. A decisive measure therefore was the inclusion of more 
recent research works, which consider the working VPO surface as a dynamic complex. So far, 
kinetic models for reaction engineering calculations are commonly based on a simple site 
isolation concept according to which an active site is a constant quantitative property of a 
catalyst. The presented study however shows that in case of VPO catalysts the active surface 
under process condition is a highly dynamic construct because of which common literature 
kinetic models are not sufficient for a feasible description of the industrial reactor. The 
developed model of this work includes an extension of the site isolation concept, being the 





active sites not completely defined constructs, which dynamically form and decompose as a 
function of time and operating conditions. The presented study further shows the importance 
of including industrially relevant aspects like the necessity of an adequate dosage of TMP and 
water into the fundamental research about the VPO chemistry. For future works, it is thus 
essential that different research approaches go hand in hand. This conclusion of course expands 
to other heterogeneous catalytic reactions. 
 
  













A.1 Experimental methods 
A.1.1 TMP dosage system 
The TMP saturator consists of a double walled measuring cylinder containing an inner tube with 
liquid trimethyl phosphate and an outer tube with temperate water. TMP is carried to the 
reactor feed gas by a flow of pure nitrogen which bubbles through the liquid. The concentration 
is adjusted through the vapor pressure by controlling the temperature of the circulating water. 
Calculations to set up a certain TMP concentration are based on the Antoine equation with the 
constants as found in [71]: 
 
log(𝑝𝑇𝑀𝑃) = 𝐴 −
𝐵
𝑇+𝐶
  𝐴 = 4.96817,𝐵 = 2249.287, 𝐶 = −12.294  (A-1) 
 









𝑁         (A-2) 
 
 
A.1.2 Evaluation of concentration measurements 
The quantitative analysis of the organic compounds was conducted by a standard gas 
chromatograph (Agilent 6820N) capillary column (Restek RTX1701, 30 m), a split injector and a 
flame ionization detector. The sampling gas passes through a sample loop connected to a 6-
port-2-position valve. By switching the valve, the sample loop volume is carried to the split 
injector by a helium flow. In normal position, the outlet of the sample loop leads first to a series 
of wash bottles were in which all organic acids are absorbed in water. At continuation, the gas 
phase water is condensed in a Peltier cooler at 5°C before entering the infrared analyzer 
(Emerson NGA2000) which conducts the quantitative analysis of n-butane, CO and CO2. 
After injection of the sample gas into the capillary column, the timely separation of the organic 
gas components, n-butane, MA, acetic acid (AcA) and acrylic acid (AcrA), is optimized by 
conducting a series of temperature ramps. The integrator of the GC software (Chemstation 
software, Version A 10.4) calculates the peak area corresponding to the respective retention 
time (Fig. 61) at which each organic gas component is separately eluted. From the peak areas 





the molar flows are calculated with the response factors relative to MA. These factors were 









     i = AcA, AcrA    (A-3) 
 
 
Fig. 61: Chromatogram of a measurement of the pilot reactor outlet gas. 
 
As all acidic compounds are washed out from the sampling gas before entering the IR-
spectrometer, the resulting material balances are: 
 
?̇?𝑖 = 𝑥𝑖,𝐼𝑅 ∙ (?̇?𝐵𝑢 + ?̇?𝐶𝑂 + ?̇?𝐶𝑂2 + ?̇?𝑂2 + ?̇?𝑁2) i = Bu, CO, CO2   (A-4) 
 
Adding the four elemental balances of carbon, hydrogen, oxygen and nitrogen leads to a system 
of linear equations, which permits the calculation of the molar fractions of the nine gas phase 
components. 
 
4 ∙ ∆?̇?𝐵𝑢 + ∆?̇?𝐶𝑂 + ∆?̇?𝐶𝑂2 + 4 ∙ ∆?̇?𝑀𝐴 + 2 ∙ ∆?̇?𝐴𝑐𝐴 + 3 ∙ ∆?̇?𝐴𝑐𝑟𝐴 = 0   (A-5) 
10 ∙ ∆?̇?𝐵𝑢 + 2 ∙ ∆?̇?𝐻2𝑂 + 2 ∙ ∆?̇?𝑀𝐴 + 4 ∙ ∆?̇?𝐴𝑐𝐴 + 4 ∙ ∆?̇?𝐴𝑐𝑟𝐴 = 0   (A-6) 
2 ∙ ∆?̇?𝑂2 + ∆?̇?𝐶𝑂 + 2 ∙ ∆?̇?𝐶𝑂2 + ∆?̇?𝐻2𝑂 + 3 ∙ ∆?̇?𝑀𝐴 + 2 ∙ ∆?̇?𝐴𝑐𝐴 + 2 ∙ ∆?̇?𝐴𝑐𝑟𝐴 = 0 (A-7) 
∆?̇?𝑁2 = 0          (A-8) 





A.2 Reactor models 
A.2.1 Bench reactor model 
The reactor model is one-dimensional and heterogeneous, accounting for intra particle diffusion 
as well as for axial dispersion. It is deduced for cylindrical and ring shaped catalyst pellets. In 
order to derive the balance equations, an infinitesimal volume element is considered (Fig. 62). 
The mass, molar, and heat fluxes that enter and leave this element are given in kg/m2/s, 
mol/m²/s and J/m²/s. 
 
Fig. 62: Control volume for the one-dimensional heterogeneous reactor model. 
 
 Overall mass balance gas phase: 
(?̇? ∙ 𝐴𝑧)|𝑧 − (?̇? ∙ 𝐴𝑧)|𝑧+𝛿𝑧 = 0       (A-9) 
 
The mass flux may be expressed by the product of fluid density and flow velocity. For its value 
at position 𝑧 + 𝛿𝑧, the first term of a Taylor series is used. As the axial section area 𝐴𝑧 is constant, 
it can be reduced directly. 
 
?̇?|𝑧+𝛿𝑧 = ?̇?|𝑧 +
𝜕
𝜕𝑧
(?̇?)𝑑𝑧        (A-10) 
 




(𝜌𝑓𝑙 ∙ 𝑢𝑧) = 0         (A-11) 
 
 





 Material balance fluid: 





). Additionally, a flux, ?̇?𝑖
𝑠𝑓
, enters the balance volume from the solid 
surface. For the steady state, the accumulation term is zero. 
 
(?̇?𝑖,𝑧
𝑓,𝑐𝑜𝑛𝑣 ∙ 𝐴𝑧)|𝑧 − (?̇?𝑖,𝑧
𝑓,𝑐𝑜𝑛𝑣 ∙ 𝐴𝑧)|𝑧+𝛿𝑧 + (?̇?𝑖,𝑧
𝑓,𝑑𝑖𝑠𝑝 ∙ 𝐴𝑧)|𝑧 − (?̇?𝑖,𝑧
𝑓,𝑑𝑖𝑠𝑝 ∙ 𝐴𝑧)|𝑧+𝛿𝑧 + ?̇?𝑖
𝑠𝑓 ∙ 𝛿𝐴𝑃 =
0            (A-12) 
 
𝛿𝐴𝑃 may be expressed as the product of the specific surface area of the catalyst in the reactor, 








) − 𝑎𝑝 ∙ ?̇?𝑖
𝑠𝑓 = 0        (A-13)  
 
 
 Material balance solid: 
The catalyst pellet is considered one-dimensionally in direction of the particle radius. Balancing 
the molar flows gives 
 
 (?̇?𝑖
𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝 − (?̇?𝑖
𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝+𝛿𝑟𝑝 +∑ 𝜈𝑖,𝑗 ∙ 𝑟𝑗𝑗 ∙ 𝜌𝑃 ∙ 𝛿𝑉𝑃 = 0     (A-14) 
 
The diffusion area, 𝐴𝑟𝑝 , changes with the particle radius, 𝑟𝑝, and the Taylor series for a cylindrical 
particle shape (𝛿𝐴𝑟𝑝 = 2𝜋ℎ𝑃𝛿𝑟𝑝, 𝛿𝑉𝑃 = 2𝜋ℎ𝑃𝑟𝑝𝛿𝑟𝑝) results in  
  
(?̇?𝑖
𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝+𝛿𝑟𝑝 = (?̇?𝑖




𝑠 ∙ 𝐴𝑟𝑝) ∙ 𝑑𝑟𝑝  
= 2𝜋ℎ𝑃 ∙ (𝑟𝑝 ∙ ?̇?𝑖





𝑠 ∙ 𝑑𝑟𝑝)      (A-15) 
 
Doing the same for spherical particles and replacing the general molar balance results in 
 













𝑠 +∑ 𝜈𝑖,𝑗 ∙ 𝑟𝑗𝑗 ∙ 𝜌𝑝 = 0       (A-16)  
 
 
 Energy balance gas-phase: 
The heat fluxes ?̇?𝑗 (mol/m²/s) are defined as the sum of all molar fluxes that enter and leave 
the control volume multiplied with their partial enthalpy. Additionally, the heat exchange with 
the solid phase and with the reactor wall, as well as the axial heat conduction are taken into 
account. These heat fluxes are termed ?̇?𝑗. 
 
?̇? = ∑ ?̇?𝑖 ∙ ℎ𝑖𝑖 = ∑ ?̇?𝑖 ∙ (∆𝐹𝐻𝑖
∗ + ∫𝑐𝑝,𝑖𝑑𝑇)𝑖       (A-17) 
 
(?̇?𝑓,𝑐𝑜𝑛𝑣 ∙ 𝐴𝑧)|𝑧 − (?̇?
𝑓,𝑐𝑜𝑛𝑣 ∙ 𝐴𝑧)|𝑧+𝛿𝑧 + (?̇?
𝑓,𝑑𝑖𝑠𝑝 ∙ 𝐴𝑧)|𝑧 − (?̇?
𝑓,𝑑𝑖𝑠𝑝 ∙ 𝐴𝑧)|𝑧+𝛿𝑧 + (?̇?
𝑓,𝑐𝑜𝑛𝑑 ∙
𝐴𝑧)|𝑧 − (?̇?
𝑓,𝑐𝑜𝑛𝑑 ∙ 𝐴𝑧)|𝑧+𝛿𝑧 + (?̇?
𝑠𝑓 + ?̇?𝑠𝑓) ∙ 𝛿𝐴𝑃 − ?̇?
𝑤 ∙ 𝛿𝐴𝑤  = 0    
           (A-18) 
 





(?̇?𝑓,𝑐𝑜𝑛𝑣 + ?̇?𝑓,𝑑𝑖𝑠𝑝 + ?̇?𝑓,𝑐𝑜𝑛𝑑) + 𝑎𝑝 ∙ (?̇?
𝑠𝑓 + ?̇?𝑠𝑓) −
2
𝑅𝑇
∙ ?̇?𝑤 = 0   (A-19) 
 
 
 Energy balance catalyst pellet: 
Balancing the heat flows gives 
 
 (?̇?𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝 − (?̇?
𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝+𝛿𝑟𝑝 + (?̇?
𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝 − (?̇?















𝑠) = 0        (A-21) 
 





As ?̇?𝑠 = ∑ ?̇?𝑖












(𝑟𝑝 ∙ ∑ ?̇?𝑖
𝑠 ∙ ∫ 𝑐𝑝,𝑖𝑑𝑇𝑖 ) + ∑ ∑ 𝜈𝑖,𝑗 ∙ 𝑟𝑗𝑗 ∙ 𝜌𝑝 ∙ ∆𝐹𝐻𝑖
∗
𝑖 = 0  (A-22) 
 
 
A.2.2 Pilot reactor model 
The model for the pilot reactor is heterogeneous and two-dimensional accounting for radial heat 
and mass transport. As the flow rates are much higher than in the bench scale reactor, axial 
dispersion and heat conduction are neglected. The model is deduced for ring shaped pellets. 
Hence, a ring shaped control volume is considered (Fig. 63) in order to derive the balance 
equations.  
 
Fig. 63: Control volume for the two-dimensional reactor model. 
 
 Overall mass balance gas phase: 
Due to radial dispersion there is a radial mass flux passing the control volume. 
 
(?̇?𝑧 ∙ 𝐴𝑧)|𝑧 − (?̇?𝑧 ∙ 𝐴𝑧)|𝑧+𝛿𝑧 + (?̇?𝑟 ∙ 𝐴𝑟)|𝑟 − (?̇?𝑟 ∙ 𝐴𝑟)|𝑟+𝛿𝑟 = 0   (A-23) 
 
With the radial section area, 𝐴𝑟,  with r being the reactor radius, the application of a Taylor series 
gives 
 
(?̇?𝑟 ∙ 𝐴𝑟)|𝑟+𝛿𝑟 = (?̇?𝑟 ∙ 𝐴𝑟)|𝑟 +
𝜕
𝜕𝑟
(?̇? ∙ 2𝜋𝑟𝛿𝑧)𝑑𝑟     (A-24) 
 














(𝑟 ∙ 𝜌𝑓𝑙 ∙ 𝑢𝑟) = 0       (A-25) 
 
 
 Material balance fluid: 
Axial and radial molar fluxes enter and leave the gas phase volume element whereas the axial 
flux, ?̇?𝑖,𝑧
𝑓
, is convective and the radial flux, ?̇?𝑟,𝑖
𝑓
, includes the radial dispersion. An additional flux, 
?̇?𝑖
𝑠𝑓
, describes the material exchange between solid surface and fluid. In this case, also the molar 
accumulation is considered. 
 
(?̇?𝑖,𝑧
𝑓 ∙ 𝐴𝑧)|𝑧 − (?̇?𝑖,𝑧
𝑓 ∙ 𝐴𝑧)|𝑧+𝛿𝑧 + (?̇?𝑖,𝑟
𝑓 ∙ 𝐴𝑟)|𝑟 − (?̇?𝑖,𝑟
𝑓 ∙ 𝐴𝑟)|𝑟+𝛿𝑟 + ?̇?𝑖





            (A-26) 
 


















) − 𝑎𝑃 ∙ ?̇?𝑖
𝑠𝑓
      (A-27) 
 
 
 Material balance solid: 
As in the one-dimensional reactor model, the catalyst pellet is cylindrical and one-dimensional 













    (A-28)  
 
 
 Energy balance fluid: 
In this case only radial heat conduction is taken into account. Because of the much lower heat 
capacity of the gas comparing to the solid, the time derivative of the gas temperature may be 
neglected. From the general balance 






𝑓 ∙ 𝐴𝑧)|𝑧 − (?̇?𝑧
𝑓 ∙ 𝐴𝑧)|𝑧+𝛿𝑧 + (?̇?𝑟
𝑓 ∙ 𝐴𝑟)|𝑟 − (?̇?𝑟
𝑓 ∙ 𝐴𝑟)|𝑟+𝛿𝑟 + (?̇?𝑟
𝑓 ∙ 𝐴𝑟)|𝑟  
−(?̇?𝑟
𝑓 ∙ 𝐴𝑟)|𝑟+𝛿𝑟 + (?̇?
𝑠𝑓 + ?̇?𝑠𝑓) ∙ 𝛿𝐴𝑃 =
𝜕𝐻𝑓
𝜕𝑡























) − 𝑎𝑃 ∙ (?̇?
𝑠𝑓 + ?̇?𝑠𝑓)    (A-30) 
 
      
 Energy balance solid: 
Accounting for storage, the general balance is 
 
(?̇?𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝 − (?̇?
𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝+𝛿𝑟𝑝 + (?̇?
𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝 − (?̇?
𝑠 ∙ 𝐴𝑟𝑝) |𝑟𝑝+𝛿𝑟𝑝   
= 𝛿𝑚𝑃 ∙ 𝑐𝑝,𝑃 ∙
𝜕𝑇𝑠
𝜕𝑡













𝑠 + ?̇?𝑠)] + ∑ ∑ 𝜈𝑖,𝑗 ∙ 𝑟𝑗
0 ∙ 𝑎𝑘(𝑡)𝑗 ∙ 𝜌𝑃 ∙ ∆𝐹𝐻𝑖
∗
𝑖   (A-32) 
 
 
 Energy and material balance of the solid surface (boundary conditions solid): 
The balances for the catalyst surface are deduced for rings and must imply the dynamic terms 
for concentration and temperature too. The general balances are 
 
?̇?𝑠 ∙ 𝛿𝐴𝑃 − ?̇?
𝑠𝑓 ∙ 𝛿𝐴𝑃 + (?̇?𝑟
𝑠𝑠 ∙ 𝐴𝑟)|𝑟 − (?̇?𝑟
𝑠𝑠 ∙ 𝐴𝑟)|𝑟+𝛿𝑟 = 𝛿𝑚𝑃 ∙ 𝑐𝑝,𝑃 ∙
𝜕𝑇𝑠𝑓
𝜕𝑡
  (A-33) 
?̇?𝑖
𝑠 ∙ 𝛿𝐴𝑃 − ?̇?𝑖









∙ 𝛿𝑉𝑃     (A-34) 
 
The radial heat transport in the reactor through the solid is determined by the effective radial 
conductivity of the bed, 𝜆𝑟
𝑠𝑠. As the surface temperature is assumed to be uniform, only one 
boundary condition is needed for the heat balance. 



















     (A-35) 
 
For the material balance, the inner and outer surface concentration have to be considered 
separately. 
 


















)    (A-36) 
 


















)    (A-37) 
 
 
 Energy balance reactor wall: 
The wall conducts the heat fluxes coming from fluid and solid to the coolant. Beside the radial 
heat transfer to the coolant, axial heat conduction is considered. Thus, the wall is modeled two-
dimensionally. The general balance on a ring shaped control volume is 
 
?̇?𝑟𝑤
𝑤 𝐴𝑟𝑤|𝑟𝑤 − ?̇?𝑟
𝑤𝐴𝑟𝑤|𝑟𝑤+𝛿𝑟𝑤 + ?̇?𝑧
𝑤𝐴𝑧𝑤|𝑧 − ?̇?𝑧
𝑤𝐴𝑧|𝑧+𝛿𝑧 = 𝜌𝑊 ∙ 𝑐𝑝,𝑊 ∙
𝜕𝑇𝑤
𝜕𝑡
∙ 𝛿𝑉𝑊  (A-38) 
 
and further  
 













      (A-39) 
 
 





A.3 Mass and heat transport coefficients 
A.3.1 Mass and heat transfer through the solid-fluid-interface 
The correlations of Gnielinski [57] are used for the calculation of the solid-fluid heat and material 





= 𝑓𝑎 (2 + √𝑆ℎ𝑙𝑎𝑚
2 + 𝑆ℎ𝑡𝑢𝑟𝑏
2 )      (A-40) 
𝑆ℎ𝑙𝑎𝑚 = 0.664 ∙ √𝑅𝑒𝜀 ∙ √𝑆𝑐
3










= 𝑓𝑎 (2 + √𝑁𝑢𝑙𝑎𝑚
2 +𝑁𝑢𝑡𝑢𝑟𝑏
2 )      (A-43) 
𝑁𝑢𝑙𝑎𝑚 = 0.664 ∙ √𝑅𝑒𝜀 ∙ √𝑃𝑟
3



















          (A-48) 
 
 
A.3.2 Axial and radial dispersion 
The calculation of the axial and radial dispersion coefficient is based on the correlations found 














 n = ax, r     (A-49) 
𝒟𝐵
𝒟




          (A-51) 





𝛫𝑎𝑥 = 2          (A-52) 
 
For Raschig rings with the dimensions 𝑑𝑎 × 𝑑𝑖 × ℎ, , 𝛫𝑟 is calculated as  
 







]       (A-53) 








     (A-54) 










        (A-55) 






       (A-56) 
 
 
A.3.3 Radial heat transfer 
The effective radial bed conductivity according to the model of Zehner-Bauer-Schlünder [56,94] 
includes the contributions of solid and fluid phase without flow, as well as the contribution of 




















= (1 − √1 − 𝜀𝐵) ∙ 𝜀𝐵 ∙ [(𝜀𝐵 − 1 + 𝜅𝐺



































) − 𝐵 ∙ (
1
𝜅𝐺
− 1) ∙ (1 +
𝜅𝑟𝑎𝑑
𝜅𝑝
)     (A-61) 






         (A-62) 






























        (A-65) 




















        (A-67) 
 
The bed-wall heat transfer coefficient, 𝛼𝑤, is calculated according to the correlation of Nilles 











+ 0.19 ∙ 𝑅𝑒0
0.75 ∙ 𝑃𝑟1 3⁄     (A-68) 
 
 
A.3.4 Intra-particle diffusion  
The intra-particle diffusion is described by an Fickian approach with an effective diffusion 




































         (A-72) 
 
 





A.4 Kinetic models 
This section describes the deduction of the intrinsic kinetic models. 
 
 HW1-model: 
The HW1-model implies the following assumptions: 
 
 Gas-phase hydrocarbon reacts with chemisorbed oxygen 
 The reoxidation of the active site is inhibited by adsorbed n-butane and water 
 The activation of the hydrocarbon is rate determining 
 No adsorptive interaction between MA, CO and CO2 with the catalyst surface 
 
The reactions are 
Sred + 0.5O2
𝐾𝑜𝑥
⇔ Sox         (A-i) 
Sred + Bu
𝐾𝐵𝑢
⇔ SBu         (A-ii) 
Sred +H2O
𝐾𝐻2𝑂




→ A𝑗    i = Bu, MA ;  j = MA, CO, CO2;  i ≠ j  (A-iv) 
 







0.5    i = Bu, MA ;  j = MA, CO, CO2;  i ≠ j     (A-73) 
 
Uihlein [] found that the surface coverage of oxygen is small as compared to the surface 
concentrations of n-butane and water (𝐾𝑜𝑥 ∙ 𝑝𝑂2
0.5 ≪ 𝐾𝐵𝑢 ∙ 𝑝𝐵𝑢 + 𝐾𝐵𝑢 ∙ 𝑝𝐵𝑢), which leads to the 
















The HW2-model includes the same assumptions as the HW1-model with the only difference that 

































The HW3-model is based on the same mechanistic steps as the HW1-model. The only difference 
is that the conversion of n-butane to CO occurs on a different active site as compared to the 




⇔  Sox,1        (A-viii) 
Sred,2 + 0.5O2
𝐾𝑜𝑥,2
⇔  Sox,2        (A-ix) 
Sred,1 + Bu
𝐾𝐵𝑢,1
⇔  SBu,1         (A-x) 
Sred,2 + Bu
𝐾𝐵𝑢,2
⇔  SBu,2         (A-xi) 
Sred,k + H2O
𝐾𝐻2𝑂












→    CO         (A-xv) 
 





Balancing the two types of surface sites separately and applying again the concept of the rate 











   i = Bu, MA;   j = CO    (A-79) 
 
 RO-model: 
The RO-model implies the following assumptions: 
 The oxidation of a reduced site can lead to two different oxidized sites, one of which 
produces CO and the other MA and CO2 by reaction with gas-phase hydrocarbon 
 The reoxidation of the active site is inhibited by adsorbed water 
 The concept of the quasi-steady state applies for the oxidized sites 
 No adsorptive interaction between MA, CO and CO2 with the catalyst surface 
 




→  Sox,1         (A-xvi) 
Sred + 0.5O2
𝑘𝑜𝑥,2
→  Sox,2         (A-xvii) 
Sred +H2O
𝐾𝐻2𝑂








→ A𝑗   i = Bu, MA ;  j = CO    (A-xx) 
 









      
      i = Bu, MA;   j = MA, CO2 ;   i ≠ j   (A-80) 












      
      i = Bu, MA;   j = CO    (A-81) 
 










 = 1) and that the rates of MA conversion are small as 
















  i = Bu, MA ;   j = CO    (A-83) 
 
 
A.5 Parameter estimations for other kinetic models 
The following tables show the results of the parameter estimations applying the three other 
proposed kinetic models HW1, HW2 and RO. Additionally the respective CO/CO2-conversion 



















Tab. 18: Parameter estimation results for the HW1 model 





𝐴   kJ/mol 99.3 7 
2 𝐸𝐵𝑢,𝐶𝑂
𝐴   kJ/mol 124.1 9 
3 𝐸𝐵𝑢,𝐶𝑂2
𝐴   kJ/mol 125.5 13 
4 𝐸𝑀𝐴,𝐶𝑂
𝐴   kJ/mol 173.8 34 
5 𝐸𝑀𝐴,𝐶𝑂2
𝐴   kJ/mol 137.0 37 
6 𝐾𝐻2𝑂  bar
-1 69.5 16 
7 𝐾𝐵𝑢,1  bar
-1 481.7 97 
8 𝑘𝐵𝑢,𝑀𝐴
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 695.6 130 
9 𝑘𝐵𝑢,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 150.6 27 
10 𝑘𝐵𝑢,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 84.6 16 
11 𝑘𝑀𝐴,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 12.9 4 
12 𝑘𝑀𝐴,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 12.8 3 




Fig. 64: Measured and simulated CO/CO2-profiles at different SBT and n-butane inlet 















410°C 1.8% Bu exp 410°C 1.0% Bu exp 440°C 1.8% Bu exp
410°C 1.8% Bu sim 410°C 1.0% Bu sim 440°C 1.8% Bu sim





Tab. 19: Correlation matrix for the HW1 model 






















































































































































































































































































































































































































Tab. 20: Parameter estimation results for the HW2 model 





𝐴   kJ/mol 130.54 7 
2 𝐸𝐵𝑢,𝐶𝑂
𝐴   kJ/mol 81.12 20 
3 𝐸𝐵𝑢,𝐶𝑂2
𝐴   kJ/mol 106.93 61 
4 𝐸𝑀𝐴,𝐶𝑂
𝐴   kJ/mol 167.92 11 
5 𝐸𝑀𝐴,𝐶𝑂2
𝐴   kJ/mol 130.10 24 
6 𝐾𝐻2𝑂  bar
-1 68.24 15 
7 𝐾𝐵𝑢,1  bar
-1 145.17 25 
8 𝑘𝐵𝑢,𝑀𝐴
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 410.28 80 
9 𝑘𝐵𝑢,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 167.90 40 
10 𝑘𝐵𝑢,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 19.79 5 
11 𝑘𝑀𝐴,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 29.85 8 
12 𝑘𝑀𝐴,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar1.5 24.68 6 
13 τ - 4.619 0.5 
 
 
Fig. 65: Measured and simulated CO/CO2-profiles at different SBT and n-butane inlet 















410°C 1.8% Bu sim 410°C 1.0% Bu sim 440°C 1.8% Bu sim
410°C 1.8% Bu exp 410°C 1.0% Bu exp 440°C 1.8% Bu exp





Tab. 21: Correlation matrix for the HW2 model 






















































































































































































































































































































































































































Tab. 22: Parameter estimation results for the RO model 





𝐴   kJ/mol 88.45 6 
2 𝐸𝐵𝑢,𝐶𝑂
𝐴   kJ/mol 131.59 5 
3 𝐸𝐵𝑢,𝐶𝑂2
𝐴   kJ/mol 119.29 9 
4 𝐸𝑀𝐴,𝐶𝑂
𝐴   kJ/mol 91.96 99 
5 𝐸𝑀𝐴,𝐶𝑂2
𝐴   kJ/mol 139.03 43 
6 𝐾𝐵𝑢,2  bar
-0.5 104.62 16 
7 𝐾𝐻2𝑂  bar
-1 61.85 19 
8 𝐾𝐵𝑢,1  bar
-0.5 51.80 14 
9 𝑘𝐵𝑢,𝑀𝐴
𝑟𝑒𝑓
  10-3 mol/s/kg/bar 178.65 15 
10 𝑘𝐵𝑢,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar 66.82 7 
11 𝑘𝐵𝑢,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar 25.58 2 
12 𝑘𝑀𝐴,𝐶𝑂
𝑟𝑒𝑓
  10-3 mol/s/kg/bar 1.18 0.6 
13 𝑘𝑀𝐴,𝐶𝑂2
𝑟𝑒𝑓
  10-3 mol/s/kg/bar 1.94 0.4 
14 τ - 3.853 0.2 
 
 
Fig. 66: Measured and simulated CO/CO2-profiles at different SBT and n-butane inlet 














410°C 1.8% Bu exp 410°C 1.0% Bu exp 440°C 1.8% Bu exp
410°C 1.8% Bu sim 410°C 1.0% Bu sim 440°C 1.8% Bu sim





Tab. 23: Correlation matrix for the RO model 

















































































































































































































































































































































































































































































 Latin Letters: 
Variable Unit Description 
𝑎  - activity 
𝑎𝑃  m²/m³ specific particle surface per reactor volume 
𝐴  m² area 
𝐴𝑊  - Eisfeld correlation parameter 
𝐵𝐸𝑇  m²/g BET surface area 
𝐵𝑜  - Bodenstein number 
𝐵𝑊  - Eisfeld correlation parameter 
𝑐  mol/m³ molar concentration 
𝑐𝑝  J/kg/K Mass specific heat capacity 
𝐶  - constants 
𝑑  m diameter 
𝒟𝑖,𝑗  m²/s diffusion coefficient 
𝑒  - error 
𝐸𝐴  J/mol activation energy 
𝑓  - fraction 
ℎ𝑖  J/mol molar specific enthalpy 
∆𝐹𝐻°  J/mol standard enthalpy of formation 
∆𝑅𝐻°  J/mol standard enthalpy of reaction 
?̇?  W/m² heat flux by mass transport 
𝑘𝑖,𝑗  various units kinetic constant 
𝐾  Pa-1 adsorption constant 
𝑙  M mean free path 
𝐿  m length 
?̇?  kg/m²/s mass flux 
𝑀𝑖  kg/mol molecular weight 
𝑛  mol mol number 
?̇?  Mol/s molar flow rate 
𝑁  - correlation parameter for the radial bed conductivity 





?̇?  mol/m²/s molar flux 
𝑁𝑢  - Nusselt number 
𝑝  Pa pressure 
𝑃𝑒  - Peclet number 
𝑃𝑟  - Prandtl number 
?̇?  W/m² heat flux by conduction 
𝑟  - radial variable 
𝑟𝑗  mol/kg/s reaction rate 
𝑟𝑃  - radial pellet 
𝑟𝑊  - radial wall 
𝑅  J/mol/K gas constant (8.3145 J/mol/K) 
𝑅𝑒  - Reynolds number 
𝑅𝑃  m particle radius 
𝑅𝑇  m tube radius 
𝑅𝐹𝑖  - response factor 
𝑆𝑖  - selectivity 
𝑆𝑣  m²/m³ specific surface per particle volume 
𝑆𝑐  - Schmidt number 
𝑆ℎ  - Sherwood number 
𝑡  s time 
𝑇  K temperature 
𝑢  m/s velocity 
𝑉  m³ volume 
?̇?𝑁  Nm³/h normalized volumetric flow rate 
𝑥  mol/mol molar fraction 
𝑋  - conversion 
𝑌𝑖   - yield 
𝑧  - axial variable 
 
 
 Greek Letters: 
Variable Unit Description 





𝛼  W/m²/K heat transfer coefficient 
𝛽  m/s mass transfer coefficient 
𝛾  - relative variance term 
𝛿  - constant variance term 
∆𝑣  - diffusion volume 
𝜀  - void fraction 
𝜀𝑟𝑎𝑑   - emissivity coefficient 
𝜂  Pa·s viscosity 
𝜂𝑃  - pore efficiency factor 
𝜃  - surface coverage 
𝜅𝑥  - correlation parameters for the radial bed conductivity 
𝛫𝑎𝑥  - correlation parameter for the dispersion coefficient 
𝛫𝑟  - correlation parameter for the radial bed conductivity 
𝜆  W/m/K heat conductivity 
𝜇  - accommodation coefficient 
𝜈𝑖,𝑗   - stoichiometric coefficient 
𝜉  - kinetic exponent 
𝜊𝑖,𝑗  - kinetic exponent 
𝜌  kg/m³ density 
𝜎  - variance 
𝜎𝑟𝑎𝑑  W/m²/K
4 black body radiation coefficient (5.67*10-8) 
𝜏  - tortuosity 
𝜑  - particle flattening coefficient 
𝜑𝑔𝑒𝑜  - geometry factor 
𝜓  - objective function value 
𝛹1  - correlation parameter for the radial bed conductivity 
𝜔  - Eisfeld correlation parameters 















































































































Sat  saturator 
surf  sphere equivalent particle surface 
turb  turbulent 
T  tube 
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